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Introduction

The issue on high activity of catalysts and process development
for the deep HDS gas oil is to deeply desulfurize the refractory sulfur
species such as 4,6-dialkyl-dibenzothiophenes (4,6-DMDBT) which
are present at a large amount in the gas oil, and rapid HDS reactive
sulfur species.

The latter issue objectives can be attained as rapid as possible
HDS of the reactive species within shorter time to leave longer time
for the deep HDS of refractory sulfur species which tends to be slow.
The most effective catalyst to these issues is not always same. Hence,
two catalyst layers bed has been proposed very practically for the
rapid HDS of the reactive sulfur species and even deep HDS of the
refractory sulfur species at lower temperature[1].

The former issue has been overcome through the hydrogenation
of the neighboring phenyl groups to the thiophene ring which
moderate the steric hindrance of S atom to approach the active site of
NiMoS surface[2,3]. High H,S content under reaction condition, due
to high S contents in the gas oil, inhibits the elimination of S in the
thiophene ring by occupation of H,S over the active sites, even
though its steric hindrance is moderated. Acidic support has been
proved to enhance the ring hydrogenation and liberation of H,S on
the active site of NiMoS species. However, it is necessary to control
carefully their acidity due to the excess cracking of gas oil and strong
inhibition of basic poisons[4].

The aims of this research are to examine the HDS activities of
NiMoS supported on three types of alumina-silica supports with the
different synthetic methods in dual catalytic bed to demonstrate the
performance under the commercial test conditions, and investigate
their characteristics.

Experimental

The active metal of Mo (Mo oxide 5%) and Ni (Ni oxide 20%)
impregnated by pore filling method (NMASA-1, -2, -3) were
supported on amorphous alumina-silica carriers (ASA-1, -2, -3)
synthesized differently from co-precipitation of alumina and silica
sources in water, which was received by catalyst company in Japan.
The content of silicon oxide in the catalyst carrier was 28% for ASA-
1, 27% for ASA-2, 24% for ASA-3. The HDS activity of each
catalyst was investigated by pilot plant unit which was consisted of
two fixed bed reactor in series. The sulfur and carbon species in the
feed and product oils were analysed GC-AED. The characterization
of catalysts was accomplished by BET, XRD, SEM, HR-TEM, SN
and *'Si solid NMR as well as NH;-TPD.

Results

The HDS activities over NMASA-1, -2 and -3 with dual
catalystic bed which the first and second layer catalysts were LX6 in
all cases and three variable catalysts, respectively. The combination
of LX6 and NMASA-2 was much more active than other 2
combinations, providing 6.6ppm sulfur (less than 10 ppm S) at 345°C
which LX6 and NMASA-2 appear to share their respective roles for
rapid HDS of reactive and/or refractory sulfur species evidenced by
sulfur GC-AED chromatograms. The difference in their activity was
found in the remaining refractory sulfur species. LX6/NMASA-2
combination removed almost refractory sulfur species under the
present conditions.

From the reactivity, ASA-2(27) was found the best support for
the second layer catalyst which may be attributed to the crystal size
of alumina, in order of ASA-1(3.39nm) > ASA-2 (2.92nm) > ASA-3
(2.62nm) evidenced by XRD, SEM and HR-TEM. The largest size of
alumina crystal is certainly worst, and the medium size appears better
than the smallest size. Better activity over ASA-2 (27) support could
be also provided since octahedral coordination of Al species,
suggesting extra-framework Al species, confirmed by Al MAS
NMR.

The sulfur contents of product oils over NMASA-2 with various
silica amounts in the dual catalytic system were also investigated.
HDS activity was found much affected by silica contents in
NMASA-2, being optimized at 27% silica. Both of increasing and
decreasing contents of silica from 27% reduced its HDS activity.
From the sulfur GC-AED chromatograms of product oils over
LX6/NMASA-2 series catalysts, the refractory sulfur compounds
such 4,6-DMDBT were still remained in the product oils except
NMASA-2(12) and NMASA-2(27) which presented higher removal
activity of refractory sulfur compounds.

Conclusion

NMASA-2 catalyst showed much enhanced activity of HDS for
gas oil (SRGO) with a role of rapid HDS of reactive and/or refractory
sulfur species. HDS activity was also much affected by silica
contents in NMASA-2. Improved HDS reactivity could be speculated
by the adequate crystal size of alumina and octahedral coordination
of Al species indicating extra-framework Al.
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Introduction

With the increasing demand for diesel fuel, the hydro-treatment
of LCO produced from fluid catalytic cracking (FCC) is a possible
way to improve its quality by performing HDS, HDN, HYD and even
partial hydrocracking so that it can be incorporated into the diesel
pool with the increased cetane number which reflects the ignition
properties of diesel fuels [1-3]. Generally, considerable ignition
delays (low cetane number) can lead to rough engine operation,
misfiring, incompletion combustion and poor stability. It could be
overcome by conversion of the poly-aromatics into benzene or
(alkyl) benzenes like a toluene and xylene, i.e. resulting from partial
HC and HYD followed by opening of the saturated rings. Taking into
account the backgrounds, ring opening of the polycyclic aromatics in
LCO into (alkyl) benzene over improved supports or/and even active
phases should be promising. In this sense, alumina coated zeolite as a
catalyst, together with model compound (1-MN) were investigated
for ring opening reactivity.

Experimental

NiMo catalysts were supported on y-alumina (NMA), on
physical mixtures of alumina and USY-zeolite (USY-zeolite
contents: 50%, NMAZ), and on USY-zeolites surface modified with
different coating amounts of alumina (USY-zeolite content: 50%,
NMACZ-1 and NMACZ-2 (0), (10), (20), (40)) obtained from a
catalyst company in Japan. Loading amounts of nickel oxide and
molybdenium oxide were fixed at 5 and 20 wt%, for each catalyst.
Reaction was performed by using autoclave (150cc), in which
reactant, presulfided catalysts and H, gas (5MPa) were charged.
Product distributions could be checked by GC-AED for quantitative
analysis and GC-MS for qualitative analysis as well. The physical
properties of catalysts were investigated by BET analysis of N,
adsorption isotherm and XRD and other characteristics were studied
by XPS, HR-TEM, pyridine FT-IR.

Results

Under the reaction conditions used in this work, 1-MN was
partially isomerized to 2 methyl naphthalene (2-MN) on the y-
alumina, alumina coated USY zeolite and physical mixture of USY
zeolite and Al supported bimetal (Ni, Mo) catalysts, which might be
assumed by product distribution of 6-methyl tetralin (6-MT) and 5-
methyl tetralin (5-MT). It also might be speculated by isomerization
between 5-MT and 6-MT followed by hydrogenation of 1-MN to 5-
MT.

The presence of coated alumina on the surface of USY zeolite
readily changed the product distribution pattern which was related to
ring opening products from (alkyl) tetralin and decalin. Especially,
total (alkyl) benzene yields over NMACZ-2 was improved by the
lowest coating amounted alumina, even if the yields of total (alkyl)
cycloalkane decreased or was similar with much higher alumina
coating amounted kind. Improvement of the activity is suggested to
be due to the enhancement of surface acidity which is evidenced by
pyridine FT-IR and even NH;3-TPD.

After sulfidation of catalysts, the binding energies of Mo*", Ni
2p; and S 2p of NMACZ-1, NMACZ-2, and NMAZ were lower than
those of NMA, suggesting that the weaker interactions between Mo
or Ni and supports or between Mo and Ni species occurred.
Especially, the weaker interaction between Mo and support has been

reported to lead a higher reducibility which could be thought to
improve hydrocracking reactivity on the catalyst, contrary to NMA.
From the HR-TEM, it was found that the characteristics of the
surface with alumina coatings may affect to the distributions and
layer numbers of MoS, together with expecting to reactivity on HYD
and HC. Bronsted and Lewis acid sites of NMACZ-2 was much more
(about 30%) than those of NMACZ-1 catalysts which might be
attributed to naked zeolite surface by lower alumina coating amounts
evidenced by Si/Al from XPS data. The similar behavior in NH;-
TPD has been observed in previous work [4]. Increase of pyridine
desorption temperature could be led to reduce the each acid sites. In
the case of NMACZ-1, the degradation was accompanied by
reduction in Bronsted and Lewis acid sites of 57% and 72%,
respectively, comparing from initial to final desorption temperature,
while those of NMACZ-2 were maintained in smaller portion of
reduction rate (31% and 53%, respectively). Much higher strength of
acid in NMACZ-2 compared with NMACZ-1 seems to suggest the
presence of mainly strongly chemisorbed pyridinium species over
zeolite surface, contributing to improvement of hydro-cracking
reactivity.

Conclusion

NMACZ-2 carrying USY-zeolite coated with a lower amount of
alumina, showed much enhanced activity of ring opening of tetralin
species, which could be explained by acid characteristics on the
presence of mainly strongly chemisrbed pyridinium over zeolite
surface. The surface Mo species as a active phase were closely
associated with the surface alumina species distributions. The larger
MoS; crystalline are preferably formed on Al-rich surface. During
sulfidation, Mo and Ni species tend to migrate into bulk, and more
Mo species than Ni species were likely to be migrated.
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Introduction

Hydrocracking (HCK) catalytic process requires to control the
balance between the hydrogenation function and the acidic function
[1]. For that purpose, various types of catalytic supports exhibiting a
tuneable acidity scale (mesoporous alumina, amorphous silica-
alumina (ASA) or zeolites) are industrially used in combination with
a transition metal sulfide or even a metallic active phase. Depending
on the type of the petroleum feeds to be converted, it is thus crucial
to optimize the acidic function of the HCK support. ASA supports
are empirically known to provide mild Brensted acidity (intermediate
between zeolites and alumina) which is profitably used to convert
petroleum feeds in presence of refractory compounds. However,
understanding the nature of the acid sites of this type of material,
remains a challenging question. Experimental studies have proposed
the existence of zeolite-like Si-(OH)-Al groups [2], whereas silanols
in the vicinity of aluminum atoms are also invoked [3,4]. We have
recently established the first ASA surface model, by ab initio
simulation of the interface between silica derivates and the y-Al,O3
(100) surface [5,6]. In the present communication, we show how the
less acidic alumina surface develops a strong tendency to
amorphization upon interaction with silica, and reveals some original
Lewis and Brensted acid sites thanks to the formation of an ASA
phase [5]. Moreover, we have instigated the adsorption of various
proble molecules such as CO, NHj, pyridine, lutidine on these acid
sites and highlighted new chemical behaviours of the so-called
"pseudo-bridging silanols" [6].

Methods

DFT calculations, in the framework of the GGA-PW91
functional, were performed with the VASP 4.6 code [7]. The
interaction between core and valence electrons was described by the
projector augmented waves (PAW) approach [8]. DFT calculations
give access to accurate surface energies of the ASA surfaces as a
function of silica content. Moreover, adsorption energies of the
various probe molecules have been estimated with DFT.

Force-field NVT molecular dynamics calculations were also
performed with the GULP program [9,10] to explore the y-alumina
surface reconstruction in presence of the grafted silica at high
temperature (T=1023 K). The dehydrated model for y-alumina (100)
surface was inherited from previous theoretical studies [11-13].

Thermodynamic stability domains were established for variable
temperatures and water partial pressures (including HCK conditions)
by calculating the surface energy systems as a function of the
chemical potential of water according to the methodology detailed in

(5]

Results and discussion

ASA surfaces

Starting from an epitaxially deposited silica film over the y-
AlLO; dehydrated (100) surface (with Si coverage of 6.4 nm™) further
submitted to a NVT molecular dynamics, the most stable surface
found reveals the amorphization of the original y-Al,O; surface and
the formation a mixed silica-alumina surface phase. This result
highlights the determining role of thermal treatments in the activation
of the formation of an ASA phase. In particular, the extraction of Al
atoms from the y-Al,O5 surface implies the appearance of an intimate
mixture between alumina and silica at the surface. The extracted Al
atoms, issued from bulk Aly;, are finally either Aly or Aly. This
trend is fully in line with the experimental >’Al NMR observation of
the higher Alp/Aly; ratio in ASA than in y- ALO; [3,14] and of the
appearance of new Aly species [14].
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Figure 1. Diversity of the silanol groups stable on the ASA
surfaces close to the HCK conditions (with an OH coverage of 5.4
nm-2). Colors legend: red balls: oxygen, white balls: hydrogen,
purple balls: aluminum, yellow balls: silicon.

The behavior of this ASA surface phase towards increasing
amounts of water (Figure 1), by molecular adsorption on M atoms
(M=Al, Si), dissociation by M-O pairs, and hydrolysis of M1-O-M2
bridges, was then put in evidence by DFT calculations. As a first
insight, this approach reveals that even for usual temperature
conditions found in HCK processes, the ASA hydroxylation state
remains significantly higher than the y-alumina (100) surface, which
is explained by the high stability of silanol groups. At this stage, 4
main types of silanol species have been put in evidence as a function
of water coverages (as represented in figure 2) accessible under HCK
conditions.

Below a coverage of 4.3 OH.nm™, only silanol groups (Figure 2
b) are formed, which explains why a band at 3740 cm™ dominates the
IR spectra of silicated alumina [3,14]. For coverages of 6.4 OH.nm,
our model also recover the presence of bridging Al-OH-Si silanols
(Figure 2 a), as earlier discussed in the literature [2].
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Figure 2. Ball and stick (left column) and schematic (right
column) representation of the 4 main types of silanols found our
ASA surface model under HCK conditions: a) bridging, b) isolated,
c) PBS-Al, d) PBS-Si.

The most striking result is obtained for an intermediate coverage
of 5.4 OH.nm™, where a new type of silanol species (Figure 2 c) was
put in evidence. This kind of silanols keep on interacting with the
neighboring Al atom and is defined "Pseudo-Bridging Silanol"
(PBS). Similar PBS sites are found where silanol are also in close
vicinity to neighboring Si atom (figure 2 d).

These 4 types of silanols exhibit various Si-O(H)-Al angles and
Al-O(H) distances. Bridging silanols (Figure 2 a) exhibit a lattice
constrained Si-O-Al angle (122°) very close to those found in
zeolites, whereas PBS-Al reveal more flexible Si-O(H)-Al angles
which may at the origin of their milder and tunable intrinsic acidity
[3,15], a key feature of ASA surface.

In what follows, we discuss the chemical properties of these
acid sites with respect to probe molecule adsorptions.

Probing the ASA Brensted acid sites

The DFT calculation of the adsorption configurations and
energies of relevant basic probe molecules (NHj, pyridine, lutine)
with various basic characters is very instructive for a better
characterization of the silanol acidity. It is worth noting that such
molecules are not only currently used as probes for spectroscopic
analysis but are also representative of nitrogen compounds found in
petroleum feeds to be treated in the HCK process.

As it can be shown in Table 1, the adsorption energies of the
nitrogen probe molecules depend on the type of sites (acid strength
and accessibility) as well as on the nature of the probe itself.

OH groups Pyridine Lutidine Ammonia

Eass | Species | Eass | Species | Eags | Species
%ﬂ?_‘;? Sk 44 |PyH* |37 |LuH"  |-111 [NH
Silanol-Al -25 |OH-~Py|-36 |OH--Lu |-41 | OH--NHs
PBS-Al -36 |OH--Py|-45 |Lu-H" 51 | NHs"
PBS-Si <72 | Py-H" -90 | Lu-H” -81 | NHs

Table 1. Adsorption energies (kJ/mol) of pyridine, lutidine and
ammonia as a function of silanol sites.

As expected, isolated silanol groups exhibit the lowest
adsorption energies and no protonation of the probe is observed.
These sites seem to behave as those found in purely amorphous silica
materials.

For the ammonia molecule for which all sites are easily
accessible, it is found that the bridging Si-OH-Al sites exhibit the
strongest adsorption energies with the formation of an ammonium
cations induced by the proton transfer. As proposed in the literature
[2], these sites behave similarly as bridging silanol found in zeolites
even if the adsorption energies (table 1) remain slightly smaller than
energies reported in zeolites, such as mordenite (calculated between -
110 and -175 kJ/mol [16]). In contrast, when increasing the bulkiness
of the nitrogen molecules (pyridine and lutidine), the adsorption
energies drop by a factor of 3, which means that bridging Si-OH-Al
sites (even if intrinsically strongly acid) can be sterically constrained
at the surface.

PBS sites exhibit a contrasting behavior. First, regarding the
ammonia probe adsorption energy (between -81 and -51 kJ/mol),
their Brensted acidity is thus intrinsically weaker than bridging
silanols on ASA or in zeolites. In addition, the adsorption energies
reported in Table 1 are less impacted by the probe bulkyness: the
adsorption energies of the lutidine are close to ammonia. Moreover,
adsorption energies of pyridine and lutidine on PBS are competitive
with energies found on bridging silanols. This is even more
pronounced for PBS-Si sites which exhibit the highest adsorption
energies. This trend can be explained by analyzing the original
chemical bonding redistribution involved during the adsorption
process, as illustrated in Figure 3.
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Figure 3. Schematic representation of the adsorption process of
Iutidine on a PBS sites: proton transfer and simultaneous formation
of the M-O bond (M=Al or Si).

On the pseudo-bridging silanol site, while the proton transfer
associated to the lutidinium cation formation occurs, there is a
concomitant formation of a new Al-O or Si-O bond leading to the
formation of a bridging [Si-O-Al]" complex. The covalency of the
newly formed Al-O or Si-O bonds has been further characterized by
ab initio chemical bond analysis and chemical shift calculation [6].
Hence, the adsorption process on PBS sites is also stabilized by the
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energy gain induced by the formation of the new covalent M-O bond
(M=Al or Si). As a consequence, we think that PBS can be
considered as relevant sites featuring the versatile acidity of ASA
materials of critical importance in HCK catalytic support.

Conclusion

To conclude, the present DFT study proposes the first atomic
insight in the origin of the much debated Brensted acidity of
amorphous silica-alumina (ASA) surfaces. Bridging Si-(OH)-Al
groups but also aluminic and silicic Pseudo-Bridging Silanols PBS
are shown to be able to protonate nitrogenated molecule thanks to
their ability to bridge after deprotonation. Thanks to the propensity of
cations on the ASA surface for adapting their coordination number
after deprotonation of a nearby PBS, their Lewis acidity is converted
into Brensted acidity of PBS. These results may provide clues for the
rationalization and design of the reactivity of ASA in various
catalytic processes and for the optimization of the choice of acidic
solids through structure / reactivity relationships.
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Increasing global demand for fuels, the tightening of
environmental regulations and the optimization of refineries has led
to an increasing demand for catalyst testing capacity. High
throughput catalyst testing is a time-efficient approach for meeting
this demand, however, in the past the increase in testing throughput
was subsequently accompanied by a loss of data quality.

The demand for hydroprocessing and the testing of
hydroprocessing catalysts has been growing steadily over the past
years and this seems unlikely to decrease in the future. Over the last
couple of years hte has developed parallel testing reactor systems for
testing these catalysts under a wide range of process conditions in
order to meet this demand. The latest development is capable of
processing VGO, heavy VGO and bio-oil under industrially relevant
conditions. Temperatures of up to 450°C can be achieved routinely,
as well as pressures from 20 up to 170 bar.

Kerosene %
\
.

Conversion %
Figure 1. Correlation of high throughput HVGO-hydrocracking data
(red) with data derived from a hydrocracking pilot plant (blue).

A challenging example for the parallel testing of
hydroprocessing catalysts is hydrocracking. The products of this
process depend strongly on the reaction conditions (temperature,
pressure, catalyst activity). These products range from ethane, LPG
to heavier hydrocarbons comprising mostly isoparaffins. Closing the
total carbon mass balance covering gas and liquid products, under
demanding reaction conditions is one of the latest major
achievements for high throughput reactor systems. Figure 1 reveals
that hydrocracking data derived from high throughput reactor
systems can be directly correlated to results from a hydrocracking
pilot plant.

The results that will be presented will show the effectiveness of
parallel testing technology and the data quality standard in a reactor-
to-reactor and run-to-run comparison for hydrodesulphurization and
hydrocracking processes over several months feeding diesel, VGO,
heavy VGO and bio-oil, as it is shown in Figure 2 for the
hydrocracking of HVGO in an hte 16-fold parallel reactor system. To
prove the value of the achieved data, the experimental results will be
compared to pilot plant data. The latest developments in the field of
high throughput reactor technology for refinery applications will also
be shown, including parallel catalyst testing technology in a sub-pilot
scale with higher catalyst volumes.
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Figure 2. Carbon balance, liquid conversion and liquid recovery in a
reactor-to-reactor comparison of HVGO hydrocracking in one of
hte’s parallel trickle-bed reactor systems.
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Introduction

Recently the new changes in clean fuels requirements have
increased the research work for reducing sulfur in petroleum
products. The sulfur content in the motor fuels is continuously
reduced by regulations to lower and lower levels. In the near future,
highway diesel will truly be ultra-low sulfur diesel (ULSD).Thus,
refiners must process diesel with sulfur content in the range of 5-
10ppm. Some significant breakthroughs in catalyst developments for
low-sulfur diesel have been accomplished (1-3). The new catalysts
systems are specifically designed to overcome the steric hindrance in
the hydrodesulfurization reactions of substituted DBTs at low content
levels.

Transition-metal molybdates are well-known to be catalytically
active for partial oxidation reactions, particularly for the selective
oxidation of lower alkanes (4). However, earlier work had generally
reported that molybdates are poor precursors of sulfided HDS
catalysts (5). The industrial HDS catalysts of composition Ni(Co)-
Mo/AlLO; typically consist of several surface species. Among these,
molybdates of the type AMoO, have been detected (6). Such
compounds or mixed-oxide surface species resembling them may
have practical importance, as they may help to prevent loss of the Co
or Ni promoter into the lattice of the alumina support caused by
oxidative treatments, especially during regeneration (7). On the other
hand, these mixed phases could be optima precursors for the Ni-Mo—
S structures, proposed to be the true active components of the
sulfided catalysts(8).

In the present paper, a porous ammonium nickel molybdate,
(NH4)HNi,(OH),(M0QOy),, was synthesized by high-temperature
hydrothermal synthesis from a solution of nickel nitrate and
ammonium heptamolybdate, and the activity of the hydroprocessing
of the DBT was investigated. A commercial NiMo/y-Al,O; catalyst
was used to compare.

Experimental

Synthesis of ammonium nickel molybdate(ANM)

The high-temperature hydrothermal synthesis is as follows.
Ammonium heptamolybdate, nickel nitrate, polyethylene glycol
(PEG) and the precipitating agent, urea, were used to prepare a
solution containing Ni and Mo in the desired molar ratio, and the
solution was added into an autoclave, where the solution was heated
and stirred at 150°C for 5h, leading to the formation of a pale green
precipitate. The products were isolated by vacuum filtration, washed
with deionized water, and dried overnight at 110°C and atmospheric
pressure. The precursors with different Ni/Mo ratios were labeled as
NiMol-1, NiMo2-1 and NiMo3-1.

Preparation of catalysts

To obtain the fixed-bed catalysts, the precursors were mixed
with an alumina gel (precursor/alumina ratio=80/20) and extruded
into diameter 1.6mm rods. The rods was dried in air at 110 °C for
10h, and then calcined at 350 °C for 4h. The catalysts were labeled as
Ni;Mo, Ni,Mo and Ni;Mo according to the precursors used.

Catalyst characterization

X-ray powder diffraction analysis was carried out with a Rigaku
D/max-IIA diffractometer using a graphite-filter CuKa radiation at a
scan rate of 2 degrees per minute. Nitrogen adsorption (BET) was
used for measuring the surface area, pore diameter and pore volume
of the catalyst. A FEI Quanta200 scanning electron microscope
(SEM) was used to perform morphological analysis.
Thermogravimetric analysis was carried out by using a thermal
analysis instrument at a heating rate of 10°C min under a high-
purity nitrogen atmosphere.

Catalyst activity

Catalytic activity measurements were carried out in a high
pressure micro-reactor unit of 10 mm L.D., 40cm in length. 10 ml of
the catalyst extrudates were loaded in the center of the reactor. The
catalyst is treated at 110°C for 1 hour and 360°C for 6 hours with a
liquid stream containing 3.0w% CS, in cyclohexane. A mixture
containing 2.0wt% dibenzothiophene (DBT) and 98wt% n-
decane was then pumped into the reactor at the test temperature. The
reaction conditions are pressure 3.0MPa, Hy/feed ratio 300, and
LHSV 2h™'. The product was cooled and separated into gaseous and
liquid products in a high-pressure separator. The liquid product was
sampled after stabilizing 10 hours at each reaction condition. The
compositions of the liquid products were analyzed using GC-MS and
a Varian 3800 gas chromatography equipped with a FID detector and
a 30m fused-silica capillary column.

Results and Discussion

Synthesis of ANM with different Ni/Mo ratio

XRD patterns of ammonium nickel molybdate with different
Ni/Mo ratio before and after calcination are reported in Figure 1a and
b, respectively. Before calcination the precursor with Ni/Mo=1 is
trigonal with hexagonal unit cell, the structure of which is
(NH4)HNIi,(OH),(M00Oy), (PDF card no. 50-1414), belonging to a
member of a solid solution series of (NH4)H,,Niz ,O(OH)(M0Oy),,
where 0 < x <3/2 (9). The peak strength weakens in the sample with
Ni/Mo=2, and some amorphous material appears, while it retains the
main structure of the ammonium nickel molybdate. Only an
amorphous phase is detected in the precursor with Ni/Mo=3. After
calcination the precursor with Ni/Mo=1 decomposes into NiMoOy,
(PDF card no. 33-0948), while the other two samples decompose into
a different phase of NiMoOy, B-NiMoO, (PDF card no. 45-0142).
NiMoO, presents two polymorphic phases at atmospheric pressure: a
low-temperature o phase, and a high-temperature  phase (4). The 3
phase undergoes a transformation to the a phase when cooled below
180°C. Although pure B-NiMoO, is unstable below 180°C, it can be
stabilized at ambient temperature after calcination of mixed oxides in
the composition range Ni/Mo >1, as observed in Fig.1b, the excess
NiO phases are detected in the two samples with Ni/Mo=2 and
Ni/Mo=3. The stable p-NiMoO, phase detected in this paper may be
attributed to the formation of a solid solution with the excess Ni
oxide phases (10).
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Figure 1. XRD patterns of ammonium nickel molybdate with
different Ni/Mo ratio: (a) before calcination, (b) after calcination.

Thermogravimetric analysis of the precursor with Ni/Mo=1 in air
shows that the weight loss occurs over a temperature range from
350°C to 425°C, as shown in Figure 2. The total weight loss ratio
was 11.0%, and the weight loss could be attributed to the removal of
water and ammonia from the structure. The decomposing equation is
shown as follows, in which the theoretical total weight loss ratio is
10.8%.

(NH4)HN12(OH)2(MOO4)2 g 2N1M004 + NH3 + 2H20

40

123
=

53
=
Weight/mg

—
=

Voltage difference/uV

: ' 1 ' 1 ' 1 ' 12.0
200 300 400 500 600

Temp.’C
Figure 2. The TG-DTA curve of (NH4)HNi,(OH),(Mo00,), in air.

The ammonium nickel molybdate is a good crystal, and the
compound prepared with conventional methods described by Levin
(9) has only a small amount pore. While the precursor with Ni/Mo=1
prepared by high-temperature hydrothermal synthesis method (HT) is
porous. The BET results of ammonium nickel molybdate with two
synthesis methods are shown in Table 1. The precursor prepared by
HT method shows a significant increase in surface area and pore
volume, whereas that prepared by literature method shows poor
surface area and pore volume. Figure 3 gives the SEM photographs
of the two precursors, which can explain the significant differences
between them. The sample by conventional method is a dense
crystalline material, and the shape of many differences. While the
precursor prepared by HT method is mostly serrated cylindrical
shape, and the surface is porous. The main difference between two
methods is the precipitating agent, and the adding of the pore-
forming reagent PEG. The decomposition of urea in aqueous media
at elevated temperatures can produce ammonia and CO,, which play
the role of the precipitation agent, and at the same time increase the
surface area of the product. The role of PEG is increasing the
hydrophilicity of the surface and the formation of some larger holes
after it decomposition.

Table 1. The BET Results of Ammonium Nickel Molybdate
Prepared by Different Synthesis Methods

BET surface  Pore volume  Average pore
Methods area (m>g™) (cm’g™) diameter (nm)
Literature 15.8 0.09 7.6
HT 70.6 0.16 5.4

Catalytic activity

The surface area characteristics of the ANM catalysts and an
industrial NiMo/AL,O3 are reported in Table 2. The surface area of
catalysts was measured before sulfurization. The catalysts have
higher surface area and larger pore volume than their precursors,
mainly because the addition of alumina. A significant increase in the
surface area and pore volume was observed after enhancing the
Ni/Mo ratio. The results indicate that the excessive Ni can increase
the surface areas and the pore volume of the ANM catalysts.
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Figure 3. The SEM photographs of (NH4)HNi,(OH),(MoOy),
prepared with different methods: (a)literature, (b)HT method.

Table 2. The BET Results of Different Catalysts

BET surface Pore volume Average pore

catalysts area (m”-g™) (cm’g™) diameter (nm)
Ni;Mo 105.8 0.23 7.6
Ni,Mo 144.2 0.28 5.4
NizMo 158.9 0.31 8.9
NIMO/ALO 130 5 031 9.2

3

The HDS of DBT occurred through two parallel reactions: direct
desulfurization (DDS) which yields biphenyl (BP) and
desulfurization through hydrogenation (HYD) which gives
cyclohexylbenzene (CHB). Most researchers think that BP is difficult
to hydrogenation; hence the ratio of CHB/BP may denote the
hydrogenation property of the catalyst. While on highly active
catalysts, BP and CHB can be further hydrogenated into other
products as shown in Figure 4. In this case, CHB/BP ratio can not be
a good description of the hydrogenation activity of the catalyst.
Therefore in this experiment we define total hydrogenation products
(TH), namely, the sum of the further hydrogenation product of
biphenyl and cyclohexyl benzene. For example, in Figure 4, TH=
sum (2, 3, 4,..17). And TH/BP ratio may express the depth of
hydrogenation catalyst activity.

O 0000
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Figure 4. Gas chromatography of the DBT HDS products on Ni,Mo
catalyst at 280°C

Figure 5 shows the conversion of DBT, CHB/BP and TH/BP
ratios on different catalysts at 280°C. The Ni,Mo catalyst shows the
highest DBT conversion, CHB/BP and TH/BP ratios, indicating the
highly hydrogenation activity of this catalyst. Although the DBT
conversion for Ni;Mo is low, but the TH/BP ratio is high, its lower
DBT conversion rate should be related with the smaller BET surface
area and pore volume. The surface area and pore volume of NizMo
catalyst are bigger than that of Ni,Mo, but a smaller DBT
conversion, CHB/BP and TH/BP ratios are showed on NizMo. The
reason may be excessive Ni in Ni;Mo to form an independent NiSx,
whose hydrogenation activity is lower, thereby reducing the overall
hydrogenation activity of the catalyst.

1.8 @ DBT Conversion mol% m TH/BP 0O CHB/BP
Ni3Mo 2.7

3.1
Ni2Mo 8.1
100.0
2.20
Ni1Mo 7.8

75.5

Figure 5. The conversion of DBT, CHB/BP and TH/BP ratios on
different catalysts at 280°C

The conversion of DBT, CHB/BP and TH/BP ratios on Ni,Mo at
different temperatures are shown in Figure 6. With increasing
reaction temperature, the TH/BP ratios have increased significantly,
and the value has reached 23.4 at 300°C; but the CHB/BP ratios have
not changed much. The reason is mainly due to the further
hydrogenation of CHB and BP. Figure 7 shows the molar content of
CHB and BP changes with the reaction temperature, from which we
can clearly see that the decreasing trend of CHB is larger, indicating
CHB is more easily be hydrogenated than BP.
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Figure 6. The conversion of DBT, CHB/BP and TH/BP ratios on
Ni,Mo at different temperatures.
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Figure 7. Contents of CHB and BP changes with the reaction
temperature on Ni,Mo.

B DBT Conversion mol% ® TH/BP 0O CHB/BP

99.2

93.0

Figure 8. The conversion of DBT, CHB/BP and TH/BP ratios on
NiMo/Al,Oj at different temperatures.

As a comparison, Figure 8 shows the conversion of DBT, CHB/BP
and TH/BP ratios on supported NiMo/Al,O; catalyst. It can be seen
from Figure 7, both DBT conversion rate and CHB/BP ratios
increase with the increasing temperature. However, the CHB/BP
ratio did not exceed 1.0 under the reaction temperature range,
indicating the DBT HDS reaction through the DDS path is higher
than the proportion of the path through the HYD on supported
NiMo/Al,O; catalyst. At the same time, the TH/BP and the CHB /
BP are almost the same rate, indicating only a small part of the
product is further hydrogenated.

Conclusions

A series of porous sulfided bulk nickel molybdate catalysts with
Ni/Mo ratios varying from 1 to 3 were prepared from the precursor of
ammomium nickel molybdate and their activities for
hydrodesulfurization (HDS) of dibenzothiophene (DBT) were
evaluated The experimental results reveal a significant improvement
in the conversion of DBT for the bulk nickel molybdate catalyst
compared to the NiMo/Al,O; catalyst The TH/BP ratio for the
sulfided bulk nickel molybdate catalyst is 5-7 times larger than that
for NiMo/Al,O; catalyst, denoting the former has remarkably higher
hydrogenation activities, The DBT conversion and the TH/BP ratio
increase distinctly with the enhancement of reaction temperature It
can be concluded that the layered ammonium nickel molybdate will
be a promising precursor of the highly active HDS catalyst for deep
desulfurization of diesel fuel
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Introduction

The catalytic activity of transition metal sulfides in hydrotreating
reactions such as hydrodesulfurization (HDS) is usually related to
their anionic vacancies (coordinatively unsaturated sites, CUS)." The
structure and properties of these sites have been studied in-depth
using chemisorption of probe molecules — in particular infrared
spectroscopy of NO* and CO,” as well as ab initio or DFT modeling
techniques.*> By now, a clearer picture of these CUS sites has
emerged from these studies, notably for Mo-based -catalysts.
Comparatively, little is known on the properties of sulfur atoms of
the sulfide phase which are expected to play a key role in
hydrogenation reactions (H, dissociation leading to SH groups,
hydrogenation of adspecies...).

The aim of the present work was to specify the basic properties
of supported sulfide phases. For this purpose, a series of supported
sulfided phases (Mo, CoMo, Ru and Pt) was characterized using
pyrrole (C4H4NH) and deuteriated chloroform (CDCl;) as a probe
molecules,® before and after sulfur removal by a hydrogen treatment.
The sulfur basicity was assessed by comparing the corresponding
infrared spectra with those obtained for solutions of CDCl; in organic
sulfides: dimethyl disulfide (DMDS), dibutyl sulfide (DBS) and
tetrahydrothiophéne (THT). Finally, DFT calculations were carried
out to model CDCl; adsorption on MoS, compared with the
experimental IR spectra.

Experimental and Theoretical Methods

Catalysts were obtained by pore-filling impregnation of a y-
AlLO; (258 m*g) and SiO, (350 m?/g) supports with solutions of the
appropriate salts. The samples were dried at 393 K overnight and
calcined at 773 K for 3 h. The metal contents as determined by
clemental analysis were 8.0 wt.% for Mo/ALO;; 9.5 wt.%
(Mo/ALy0O3); 1.1 (Co) and 9.5 wt.% (Mo) for CoMo/Al,O; ; 7.2 wt.%
(Mo/Si0y); 7.5 wt.% (Ru/SiO,) and 11 wt.% (Pt/SiO,).

Sulfidation was carried out in situ under flow of H,S (100%) for
Ru/SiO; or a H,S/H, (10/90) mixture for the other catalysts at 623 K
followed by evacuation. Adsorption of CDCIl; was carried out at
room temperature (RT). Calibrated doses of CDCIl; were introduced
in the IR cell up to an equilibrium pressure of 5 mbars. Adsorption of
CO was carried out at low temperature (100 K) up to an equilibrium
pressure of 1 mbar.

The IR spectra of CDCls/organic sulfide solutions were recorded
using an ATR cell.

The DFT calculations were performed using the VASP software
based on periodic density functional theory using the exchange
correlation functional of Perdew and Zunger and a plane wave basis
set. The calculations were performed using a 5 k points mesh, a
cutoff energy of 550 eV and a convergence criterion 10° eV. The
supercell contains two MoS, layers, four elementary MoS, units in
the direction parallel to the surface and four in the direction
perpendicular to the (100) surface, with a vacuum layer of 10 A on
top of'it.

Results and discussion

Pyrrole adsorption. On Al,O; and Mo/Al,05 pyrrole adsorption
leads to the appearance of broad and complex band in the 3600 —
2500 cm’™ range, mainly resulting from the formation of pyrrolate
species (C,H4N") by dissociative adsorption of pyrrole on Al,05.°
The spectra obtained on Mo/Al,O5 did not show specific infrared
bands that could result from pyrrole adsorption on the sulfide phase.

On SiO,, pyrrole adsorption leads to a decrease of free SiOH
groups and to the appearance of a broad vOH band centered at 3500
cm™. The pyrrole vNH vibration is located a 3474 cm™, close from
that observed in diluted solution. These features are assigned to the
formation of hydrogen bond from free silanol groups to the pyrrolic
ring. No distinct features could be observed on the Mo/SiO, catalyst.

Chloroform adsorption. Adsorption of CDCI; on sulfided Al,O4
leads to a strong and broad vCD band extending from 2250 to 2200
em’. This band characterizes the formation of hydrogen bonds
between CDCl; and the basic sites of the Al,O5 support (Cl;CD-*+0*
). Besides, however, supplementary bands characterizing CHCI; and
formate species readily appeared. The latter species remained upon
evacuation, which indicates that in our conditions CDCl; strongly
reacts with the Al,O; support. The possibility of chlorine deposition
on the surface prevents a relevant assessment of basicity by CDCls
on Al,Os-based catalysts to be made.

The infrared spectra obtained upon CDCl; adsorption on SiO,
and SiO, supported sulfide phase are reported on Figure 1. On all
catalysts, CDCI; adsorption leads to a perturbation of the vVOH band
of free silanol groups (3742 cm™) and to the appearance of a broad
v(OH) band centered at 3680 cm™. The vOH frequency shift is close
from that observed upon CCl, adsorption on SiO, and indicates the
formation of a SiOH-:-Cl hydrogen bond. This assignment is in
agreement with the position of the vCD band observed on SiO, (2264
em’™, Figure 1B, spectrum a) which is close from that observed in the
gas phase. This clearly shows that CDCl; does not form CD---OH(Si)
or CD-*+O* hydrogen bonds with the silica support.

Figure 1B shows that CDCI; adsorption on all supported sulfide
catalysts (spectra b-e) leads to a supplementary vCD band at ~2235
cm™. This band is not observed on pure SiO, and characterizes the
interaction of CDCl; with the sulfided phase.

The appearance of this band (2235 cm’™) is totally reversible:
CDCl; desorption upon evacuation at room temperature leads to the
complete disappearance of this band.

Prep. Pap.-Am. Chem. Soc., Div. Petr. Chem. 2010, 55 (2), 17



g
¥
§
g
§

Py
&

ofc
8
O

PP
L o

©

Figure 1 : Adsorption of CDCl; (5 mbars at equilibrium) on
(a) SiO, ; (b) Mo/SiO; ; (¢) CoMo/SiO, ; (d) Ru/SiO, ; (e)
Pt/SiO,. A: vOH vibration, B: vCD vibration;
C: 8CDvibration ; D: v,,CCl; vibration

O0CD and vCCl vibration ranges, respectively. No strong differences
between the spectra obtained on SiO, and on SiO, supported
catalysts are observed. Moreover, no supplementary bands were
observed on these catalysts, showing that in our conditions, no
dissociative adsorption of CDCI; occurs on the sulfide phase.

Hence, the vCD band observed at 2235 cm’ is related to the
molecular adsorption of CDCl; on the supported phase of these
catalysts. Similar experiments carried out on the oxidic form of these
catalysts did not lead to the appearance of this band led and the IR
spectra were almost identical to that observed on SiO,. This allows
one to exclude the assignment of the band at 2235 cm™ to the
adsorption of CDCI; on an oxysulfide phase. Thus, considering an
adsorption on a fully sulfided phase, the band at 2235 cm™ could
result from either an interaction with the CUS sites or the formation
of a hydrogen bond with the sulfur atoms of the sulfide phase.

Influence of sulfur coverage. Hydrogen treatments at 400°C
(100 mbars, 1h) were carried out on Mo/SiO, and CoMo/SiO, in
order to reduce the sulfur coverage of the sulfide phase’ and to
examine its influence on the adsorption of CDCl;.

Figure 2 (left) shows the vCO spectra obtained after CO
adsorption at low temperature (100 K) on Mo/SiO, and CoMo/SiO,
before and after the hydrogen treatment. The band at 2157 cm
corresponds to CO adsorbed on the silanol groups of the support. The
bands at 2115 and 2076 cm™ are assigned to CO adsorbed on non-
promoted Mo sites and promoted Co or Mo sites, respectively.’
These spectra clearly show a strong increase of the amount of CUS
sites after the hydrogen treatment due to a decrease of the sulfur
coverage of the edges of (Co)MoS, phases. Figure 4 (right) shows the
corresponding vCD spectra obtained CDCl; on the same catalysts. It
clearly appears that the hydrogen-treatment leads to a strong decrease
of the band at 2235 cm™ and to the appearance of a new vCD
component at 2255 cm’. This component increases with the number
of CUS sites and its position close from that observed in the gas

2200 2100 2000 2300

2280 2260 2240 2220 2200 2180

Figure 2 : Left : CO adsorption (1 mbar at equilibrium) on (a) Mo/SiO, and (b) CoMo/SiO, before (full lines) and after
(dotted lines) H, treatment at 623K. Right : CDCI; adsorption (5 mbar at equilibrium) on (a) Mo/SiO, and (b) CoMo/SiO,.
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phase (Av = -9 cm-1). It is thus assigned to CDClI; adsorbed through
one of its a chlorine atoms on the CUS sites of the sulfide phase
(Scheme 1A). On the other hand, the strong decrease of the intensity
of the band at 2235 cm™ allows to discard the assignment of this
band to CDCl; adsorbed on CUS sites. This band is thus assigned to
CDCl; adsorbed on sulfur atoms of the sulfide phase through
hydrogen bond (Scheme 1B)

cl, cl,
DQC/CI CI(C/CI
L I
| |
S—M—S M—S——M
A B

Scheme 1

Interaction of CDCI; with organic sulfides. While several
studies have reported the adsorption of CDCl; on metal oxides or its
interaction with oxygenated compounds through the formation of
hydrogen bonds,® to our knowledge no study have characterized its
interaction with sulfur atoms. In order to ascertain our assignment of
the band at 2135 cm’!, we have carried out a study of CDCl; with
organic sulfides: dimethyldisulfide (DMDS), tetrahydrothiophene
(THT) and dibutylsulfide (DBS). To this aim, IR spectra of CDCl; /
organic sulfide solutions were recorded (not shown). In the presence
of these molecules, we have evidenced the formation of a vCD band
resulting from the formation of a hydrogen bond with this
compounds at a frequency close from that observed on the sulfide
catalysts: 2236 cm’ for DMDS, 2232 cm™ for THT and 2231 cm’!
for DMS. No such a band was observed in CDCls/alkane solutions,
indicating that it results from the formation of a hydrogen bond with
sulfur atom (CCl3D-*-S).

DFT Calculations. DFT calculations were carried out to model
CDCl; adsorption on MoS,. The starting surfaces were chosen as the
stable MoS, edges obtained in our experimental conditions,>’ the M-
edge consisting in 6-fold coordinated Mo atoms bridged with surface
S atoms (M-edge, 4S), the S-edge consisting in tetrahedrally
coordinated Mo atoms with either disulfide groups at high sulfur
coverage (S-eddge, 8S) or bridged sulfur atoms lying alternatively
on both sides of the Mo plane at low sulfur coverage (S-edge, 4S).

Figure 3 shows the adsorption geometry of CDCI; on the M-
edge (4S) which is the dominating MoS; surface in our conditions of
sulfidation.” It clearly evidences the formation of a hydrogen bond of
CDCl; with a sulfur atom of this edge. Similar adsorption geometries
were found on the two other MoS, surfaces.

Figure 3: interaction of CDCI; with the M-edge (4S) of MoS,

Table 1 reports the computed AvCD frequency shifts (AvCD =
VCD,4s — VCDy) and the sulfur-deuterium distances obtained for the
various surfaces. These values clearly show that CDCl; forms
hydrogen bonds with these surfaces, leading to v (C-D) frequency
shifts of 30-45 cm™, very close to those experimentally observed
(AvCD =31 cm™).

Table 1. Computed CDCIl; adsorption Energies, vCD
vibration frequencies and CD--S distances on MoS, edges.

MoS, Edge AvCD / cm’ t(D-+*S)/ pm
M-edge, 4S -32 253
S-edge, 8S -43 265
S-edge, 4S -29 271

Assessment of sulfide phase basicity. The probe molecules
used in this study, pyrrole (C4;H4NH) and deuterated chloroform
(CDCl;) are classically used to characterize the basicity of metal
oxides.® They present an N-H (or C-D) group of similar acidity, with
deprotonation energies of 1500 and 1496 kJ mol™, respectively. They
interact by hydrogen bond with basic centers, leading to a downward
shift of the vNH (or vCD) frequencies which increases with the
strength of the basic center.

These molecules adsorb dissociatively and non-dissociatively on
Al,03 and Al,O; supported catalysts, leading to complex spectra and
preventing any precise assessment of the supported sulfide phase
basicity. Moreover, in the case of CDCls, chlorine deposition on the
ALyO;5 alumina support lead to strong modifications of the surface
which in turn is likely to change the acid-base properties of the
sulfide phase.® In any case, however, ALO;-supported catalysts did
not present significantly higher basicity than Al,O;, indicating that
the basicity of the sulfide phase is much lower than that of Al,O;.

The dissociation on the support could be avoided by using SiO,-
supported catalysts. In the case of pyrrole, however, the formation of
SiOH:** pyrrole hydrogen bonds leads to a broad vOH band which
overlaps the VN-H band. This might explain why no clear
differences were found between SiO, and SiO, supported catalysts.

Silanol groups also lead to hydrogen bond formation with the
chlorine atoms of CDCl;. In this case, however, the vCD vibration is
located at a much lower frequency and does not overlap with other
absorption bands. Moreover, CDCl; adsorbs non-dissociatively and
reversibly on SiO, supported catalysts, thus allowing a reliable
evaluation of the basicity of the sulfide phase.

CDCl; was found to form a hydrogen bond with the sulfur atoms
of the sulfided phases, leading to a downward shift of ~-31 cm’™.
Surprisingly, the nature of the sulfide phase (Mo, CoMo, Ru or Pt)
does not significantly affect position of the v(C-D) band indicating
that sulfur basicity is not strongly affected by variations in sulfur-
metal bond energies.’ It should be noted, however, that CDCI; is not
very selective with respect to moderate changes in sulfur basicity:®
further work is certainly needed to characterize more finely the
basicity these systems.

In any case, the vCD frequency shift observed on these catalysts
clearly indicates that the sulfur atoms of the sulfide phase present a
basic character which is confirmed by our DFT calculations. This
frequency shift (31 cm™) is lower than that observed on classical
basic catalysts. Thus, CDCl; adsorption on basic zeolites (NaY, KY,
RbY and CsY) leads to vCD in the order of 40-60 cm™."
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Finally, the vCD band shift obtained on the supported sulfide
phases is comparable to that observed for organic sulfides in solution,
indicating that the basicity of these metal sulfides is close from that
of these compounds which proton affinity lies in the range of 845+30
kJ mol! (DMDS: 815 kJ mol!, THT: 849 kJ mol' and DBS: 872 kJ
mol™). These values indicate that sulfur basicity is weak. Such a
weak basicity indicates that the dissociation of hydrogen on these
surfaces should lead to acidic —SH groups, as suggested by DFT
calculations'" and previously observed by infrared spectroscopy'>"
and recent STM studies."*

Conclusions .

This study reports the first characterization of the basic properties
of supported sulfide phases (Mo, CoMo, Ru and Pt). While no basic
sites are detected on the SiO, support alone, CDCl; adsorption on
supported catalysts leads to the formation of a (C-D-*-S) hydrogen
bond which is clearly evidenced by a new vC-D band, downward
shifted by ~31 cm™ as compared to the gas phase. The formation of
the hydrogen bond was confirmed by comparing these IR spectra
with those obtained in CDCls-organic sulfide solutions and by
modeling CDCI; by DFT, leading to computed vCD frequency shifts
of 25-40 cm™, consistent with those experimentally observed. Such a
vCD band indicates that the metal sulfides examined in the present
study present a rather weak basicity and should lead to acid —SH
groups upon hydrogen dissociation.
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Abstract

Criterion CENTERA®™ hydroprocessing catalysts provide
substantial activity improvements over current state-of-the-art
hydroprocessing catalysts. CENTERA® catalysts are Type II catalyst
grades (NiMo — DN-3630, CoMo — DC-2618). Pilot plant results are
presented showing that CENTERA® catalysts achieve 2 — 20°F (1 —
11°C) Ultra Low Sulfur Diesel Hydrodesulfurization (ULSD HDS)
activity improvements over previous generations of commercial
hydrotreating catalysts. Characterization of DN-3630 using
Transmission Electron Microscopy (TEM), Extended X-Ray
Absorption Fine Structure (EXAFS), and Fourier Transform Infrared
(FTIR)/Nitric Oxide (NO) Adsorption shows that these activity
improvements are achieved from improved active metals dispersion,
complete Mo sulfidation/Mo-S coordination, and enhanced promoter
metal (Ni) utilization (enhanced Ni edge decoration).

Introduction

CENTERA® catalysts are the newest family of commercial
hydrotreating catalysts from Criterion Catalysts & Technologies and
are available in NiMo (DN-3630) and CoMo (DC-2618) versions for
Ultra Low Sulfur Diesel Hydrodesulfurization (ULSD HDS)
applications. CENTERA® catalysts are more active for ULSD HDS
than previous generations of Criterion catalysts. This paper presents
catalyst characterization data illustrating the differences between
CENTERA" catalysts and previous catalyst families and identifying
the source of the improved CENTERA® activity. Pilot plant testing
data is presented showing the CENTERA®™ ULSD HDS activity
improvements over other commercial catalysts in low and high
pressure operation.

Catalyst Characterization

Commercial CENTERA® DN-3630 catalyst was characterized
using Transmission Electron Microscopy (TEM), Extended X-Ray
Absorption Fine Structure (EXAFS), and Fourier Transform Infrared
(FTIR)/Nitric Oxide (NO) Adsorption. TEM and EXAFS analyses
indicate a reduction of average metal particle size from the 4.5 nm
and 3.5 nm values measured for Criterion CENTINEL and
CENTINEL GOLD NiMo Type II commercial -catalysts,
respectively, to 2.5 — 3.5 nm for CENTERA® catalysts. The TEM
images for these three catalyst systems are shown in Figure 1.

CENTERA” Ly, nm = 3.5; g = 1.5 10 2.1

=15t 1.6

12to 1.5

Centinel: Ly, ,nm = .5; Nayg =

Figure 1. CENTERA®, Centinel Gold, and Centinel Catalyst TEM
Images

Transmission Electron Microscopy (TEM) measurements were
done at the Technical University of Delft (The Netherlands). All
samples were rigorously kept under inert atmosphere to avoid
exposure to air during sample preparation and transfer to the
microscope. Quantification of the slab length (L,,;) and degree of
stacking (n,) of the slabs was performed by examining about 400
individual slabs per sample. For each parameter an average value was
determined for each sample.
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Evaluation of the CENTERA® TEM image shows that the
sample consists of supported (75%) and unsupported (25%) domains,
each having particle sizes around 3.5 nm. The average degree of
stacking is 1.5 for the supported particles and 2.1 for the unsupported
particles.  Similar analyses of the CENTINEL GOLD and
CENTINEL TEM images yield average particle sizes of 3.5 nm and
4.5 nm, respectively. The average degree of stacking has also
increased with subsequent generations of catalysts indicative of the
increased Type II character achieved with each new generation.

The extent of the Mo-S interactions can be detailed utilizing
EXAFS. The Mo K edge full EXAFS spectra of the catalyst samples
studied were measured at the SuperXAS beamline of SLS at the Paul
Scherrer Institute (PSI), Villigen, Switzerland. The inset in Figure 2
displays the Fourier Transform of the respective X functions.

The first shell at about 2 A is due to Mo-S contributions. It is
identical with that of bulk MoS, and corresponds to the ideal
coordination number (CN) of 6, i.e. every Mo center is surrounded by
6 sulfur atoms in a trigonal prismatic fashion. Correspondingly,

EXAFS: Full Sulfidation of Molybdenum

First shell Mo-S
coordination number = 6

Degree of sulfidation as in bulk MoS,

Figure 2. EXAFS Analysis of CENTERA® DN-3630 and Bulk MoS,

Mo-S distances (R) in sulfided DN-3630 are very close to that of 2H-
MoS, (2.415 A). The second shell is due to Mo-Mo contributions
and reflects a coordination number of 4.4 (6.0 in 2H-MoS,). Again,
the corresponding Mo-Mo distances are comparable and close to the
original value of 3.16 A. Using the size-correlation correction as
suggested by Shido and Prins'”, the diameter of the MoS, slabs in
DN-3630 can be determined to be ~2.5 nm. This compares favorably
to the average diameter of 3.5 nm determined from TEM.

FTIR analysis of NO adsorption on DN-3630 and a CENTINEL
NiMo catalyst was used to characterize the surface of the catalysts in
their sulfided states. The N-O stretching vibrational frequency of NO
adsorbed on hydrotreating catalysts shows characteristic differences
when adsorbed on Ni, Co, or Mo. Figure 3 shows the depiction of
the MoS, edge surfaces using molecular models based on the
interpretation of the FTIR spectra of NO adsorbed on sulfided DN-
3630 and CENTINEL NiMo catalysts.

Optimized edge decoration: FT-IR
only Ni exposed aedges Spectra

Mo and Ni

exposed at edges

CENTINEL

NO (Nitric Oxide)

CENTERA®

Figure 3. CENTERA® DN-3630 and Centinel NiMo NO Adsorption
FTIR Spectra

The DN-3630 spectrum (top spectrum) shows that only
coordinately unsaturated Ni centers are present on the edge of
DN-3630 active metal particles as indicated by the single peak
indicative of NO adsorbed on nickel (pink area) and the lack of a
peak indicative of NO adsorbed on Mo (blue area) as found in the
CENTINEL NiMo spectrum (bottom spectrum).

This finding leads to the conclusion that the edge surface of
sulfided DN-3630 only contains coordinatively unsaturated Ni and
does not contain any coordinatively unsaturated Mo. This is in
contrast to the spectrum observed with CENTINEL NiMo that shows
measureable NO adsorption on unsaturated Mo and therefore less
efficient edge decoration of the MoS, crystallites with the promoter
nickel.

In addition, an unusually high N-O stretching vibration
associated with the nickel edge in DN-3630 suggests unique new
surface structural properties as compared to CENTINEL. DFT
molecular modeling calculations indicate that this shift to higher
frequency can be explained by the presence of two to three adjacent
unsaturated Ni centers (see Figure 3). It is the full presence of these
specific active structures and the absence of less active unsaturated
Mo-based edge structures that is believed responsible for the
increased activity of the CENTERA® catalyst compared to the
CENTINEL catalyst.

These FTIR/NO Adsorption experiments utilized a specially
designed IR cell allowing for in-situ sample preparation, sulfiding,
and analysis. NO Spectra were measured with a high resolution
spectrometer, equipped with an MCT detector. Final stated results
are based upon 1000 individual scans, to improve signal-to-noise
ratios.

Catalyst Activity Testing

Low Pressure Pilot Plant Testing. Low pressure (300 — 600 psig,
21 — 41 barg) hydrodesulfurization (HDS) testing of DC-2618 was
performed using Middle East Straight Run Gas Oil (ME SRGO),
Americas (AM) SRGO, ME SRGO/Light Coker Gas Oil
(SRGO/LKGO), and AM SRGO/Light Cycle Oil (SRGO/LCO) feeds
and compared to results obtained with a reference conventional
CoMo (REF CoMo), a high activity conventional CoMo (HAC
CoMo), and a CENTINEL CoMo (CENTINEL CoMo). All tests
were performed in a downflow, isothermal reactor. The objectives of
this test were to determine the temperature requirements for each
catalyst to achieve product S = 10 wppm and product N = 5 wppm.
The properties of the test feeds are found in Table 1.
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Table 1. DC-2618 Pilot Plant Test Feeds Properties

Table 3. DC-2618 Pilot Plant Test Results
Temperature Requirements: Product S =10 wppm

Properties ME AM ME AM
SRGO | SRGO | SRGO/ | SRGO/ Test 1 | 2 [ 3 ] 4
LKGO LCO Catalyst ATemperature Requirement:
API Gravity (°) 36.9 34.5 339 29.7 Product S = 10 wppm (°F / °C)
Density (g / cc) 0.8413 | 0.8535 | 0.8563 | 0.8788
Total Sulfur (wppm) 11400 | 17100 19300 13900 REF CoMo Base Base Base Base
Total Nitrogen (wppm) 52 276 430 377 HAC CoMo 8/4 6/3 5/3 4/2
Br Number (g /100 g) 3 6 13 5 CENTINEL CoMo 8/4 2/1 -2/-1 2/1
UV Aromatics (wt%) CENTERA® 20/ 11 10/6 7/4 10/6
Mono- 5.25 5.83 6.56 6.04 DC-2618
Poly- 5.24 6.17 6.68 15.95
Total 10.49 12.00 13.24 21.99
D-2887 Distillation (°F / °C) 25
90 wi% 649/ 652/ 6517 672/ Reference Catalyst = REF CoMo
343 344 344 356 =020 | Product S =10 wppm
FBP 707/ 776/ 811/ 841/ e i OHAC CoMo
375 413 433 449 5 i ECentinel CoMo
215 | DC-2618
The process conditions used in these tests are shown in Table 2. 3 .
These process conditions were chosen to replicate the process &9
conditions used in actual commercial hydrotreating operations. = 10 u
)
Table 2. DC-2618 Pilot Plant Test Conditions QE, 5 | n
S
Test 1 2 3 4 3
Feed ME AM ME AM € 0 |
SRGO SRGO SRGO/ SRGO / [
LKGO LCO 3
Pressure 300/21 | 435/30 | 600/41 600 /41 g -5
(psig / barg) g Qo Qo o) o)
LHSV (hr) 0.50 0.70 0.80 0.75 s 2w E 2w g 2o~
H, Feedrate 1200/ 1200/ 2000/ 2000 / :; n o 3 (2= = % - Ow E
(SCFB / NI/I) 202 202 336 336 a €8s =23 Qo< 0Ss
T < 288 585
The hydrodesulfurization (HDS) and hydrodenitrogenation 3 ©e <Et
(HDN) results with the various catalysts tested are shown in Tables 3 s

and 4, respectively. The data in these tables is presented as the
reduction in the temperature requirement to achieve product S = 10
wppm and product N = 5 wppm with the various catalysts tested
using REF CoMo as a reference. For example, when processing the
ME SRGO feed under the process conditions specified in Table 2,
DC-2618 had a 20°F (11°C) lower temperature requirement than REF
CoMo to achieve product S = 10 wppm. The data in these tables are
presented graphically in Figures 4 and 5. H, consumption data for
the catalysts tested are shown in Table 5.

Table 3 and Figure 4 show the relative temperature requirements
of the catalysts tested to achieve product S = 10 wppm with the four
test feeds. From this data it is seen that DC-2618 has 7 - 20°F (4 -
11°C) greater activity than REF CoMo, 2 - 12°F (1 - 7°C) greater
activity than HAC CoMo, and 8 - 12 °F (4 - 7°C) greater activity than
CENTINEL CoMo for the feed and process conditions employed.
This additional ULSD HDS activity allows for several possible
commercial processing advantages, such as increasing unit
throughput, extending unit cycle length, or processing more difficult
feeds.

Figure 4. DC-2618 Pilot Plant Test Results Temperature
Requirements: Product S = 10 wppm

The relative temperature requirements for achieving product N =
5 wppm are shown in Table 4 and Figure 5. Here it is seen that DC-
2618 has higher HDN activity than REF CoMo, HAC CoMo, and
CENTINEL CoMo by 11- 23°F (6 - 13°C), 7 - 24°F (4 - 13°C), and 2
- 17°F (1 - 9°C), respectively. This substantial improvement in HDN
activity makes DC-2618 more effective at removing the nitrogen
molecules that function as catalyst inhibitors and limit ULSD HDS
activity/performance™. Also, the higher HDN activity of DC-2618
make it more robust to processing higher nitrogen content or higher
endpoint feeds.
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Table 4. DC-2618 Pilot Plant Test Results
Temperature Requirements: Product N =5 wppm

Table 5. DC-2618 Pilot Plant Test Results
H, Consumption: Product S =10 wppm

Test 1 [ 2 T 3 ] 4 Test 1 | 2 | 3 | 4
Catalyst ATemperature Requirement: Catalyst H, Consumption: Product S = 10 wppm
Product N =5 wppm (°F / °C) (SCFB / NI/l)
REF CoMo Base Base Base Base REF CoMo 175/30 | 270/46 | 435/73 | 510/86
HAC CoMo -1/~1 4/2 4/2 -2/-1 HAC CoMo 180/30 | 295/50 | 435/73 | 520/88
CENTINEL CoMo 6/3 6/3 3/2 12/7 CENTINEL CoMo | 180/30 | 285/48 | 430/73 | 535/90
CENTERA® 23/13 11/6 12/7 14/8 CENTERA 200/34 | 295/50 | 465/78 | 555/94
DC-2618 DC-2618
25 High Pressure Pilot Plant Testing. High pressure (1050 psig, 72

Reference Catalyst = REF CoMo
Product N = 5 wppm

20 OHAC CoMo

5 @Centinel CoMo

=15 DC-2618
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Figure 5. DC-2618 Pilot Plant Test Results Temperature
Requirements: Product N =5 wppm

Table 5 contains the H, consumption data associated with
producing S = 10 wppm product. The H, consumptions with the ME
SRGO/LKGO and AM SRGO/LCO straight run/cracked stock feed
blends are substantially higher than those observed with the ME
SRGO and AM SRGO feeds because of the higher olefin and
aromatics contents of these straight run/cracked stock blends. The
data in Table 5 show that the DC-2618 ULSD HDS activity
improvements over previous generations of CoMo catalysts are
achieved with a 0 — 14% increase in H, consumption when
processing straight run feeds and a 4 — 9% increase in H,
consumption when processing straight run/cracked feed blends.
Since the most efficient route for ULSD HDS production is through
the indirect HDS mechanism that involves saturation of an aromatic
ring in refractory (sterically hindered) sulfur species™® an increase in
overall H, consumption is expected to accompany and is consistent
with higher ULSD HDS activity.

barg) HDS testing of DN-3630 was performed using a
SRGO/LCO/LKGO (50/25/25 — Volume % Basis) feed blend. The
results of this test were compared with an identical test using
CENTINEL GOLD DN-3330 (NiMo Type II Catalyst). The
properties of the feed blend tested are shown in Table 6.

The process conditions used are shown in Table 7. The
processing objective of these tests was to achieve product S = 8
wppm. These tests were run for an extended duration (~1500 hours)
to compare the stability of the two catalysts. All tests were
performed in a downflow, isothermal reactor.

Table 6. DN-3630 Pilot Plant Test Feed Properties

Properties SRGO / LCO / LKGO Blend
(50 /25 /25— Volume % Basis)
API Gravity (°) 28.4
Density (g / cc) 0.8849
Total Sulfur (wppm) 19900
Total Nitrogen (wppm) 634
Br Number (g /100 g) 15
UV Aromatics (wt%)
Mono- 7.04
Poly- 15.38
Total 22.42
D-2887 Distillation (°F / °C)
90 wt% 669 /354
FBP 839 /448

Table 7. DN-3630 Pilot Plant Test Conditions

Test 1

Feed SRGO /LCO / LKGO Blend
(50/25 /25— Volume % Basis)

Pressure (psig / barg) 1050/ 72

LHSV (hr'") 1.0

H, Feedrate (SCFB / NI/l) 4000/ 672

The feed processed in this test is a high sulfur, high nitrogen,
high aromatics feed and is representative of the more difficult feeds
processed by many U.S. refiners to produce ULSD. The pressure
used in this study is at the low end of the range of unit pressures
(1000 — 1300 psig, 69 — 90 barg) typically employed for processing
these types of feed. A space velocity of 1.0 is typical for these units.
NiMo catalysts are typically used in these applications to maximize
HDN activity and utilize the high pressure of the units for maximum
aromatic saturation and ULSD HDS performance. The results of this
study are shown in Figure 6.
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These data show a ~12°F (~7°C) advantage for DN-3630 over
DN-3330 in the steady state operation period (1100 — 1500 hrs).
Periodic checks of the H, consumption for both catalysts were within
5% of each other (insignificant). With the DN-3630 catalyst the H,
consumption ranged from 870 — 950 SCFB (145 — 160 NI/1) over the
course of the testing period. These data demonstrate that the activity
improvements of CENTERA®™ DN-3630 over previous generations of
high activity NiMo ULSD catalyst are achieved without a sacrifice in
stability or a significant increase in H, consumption.

680
DN-3330
675 || ADN-3630 [ _ . ]
670 °F | °C
640 | 338
__665 645 | 341
& 660 650 | 343
= 655 | 346
2 655 660 | 349
= 665 | 352
650 670 | 354
645 675 | 357
680 | 360
640
S b4
n [<}]
RUN LENGTH (HOURS)

Figure 6. Comparison of DN-3630 and DN-3330 ULSD HDS
Activities: SRGO/LCO/LKGO Feed Blend

Conclusions

Criterion CENTERA® catalysts show significant, up to 20°F
(11°C), ULSD HDS activity improvements over previous generations
of catalysts in both low (300 — 600 psig, 21 — 41 barg) and high
pressure (1050 psig, 72 barg) testing. These activity improvements
are accompanied by only modest increases in H, consumption: 0 —
14%. CENTERA® catalysts achieve greater ULSD HDS activity
than previous generations of catalysts while maintaining catalyst
stability. TEM, EXAFS, and FTIR/NO Adsorption experiments
show that these improvements are due to increased active metal
dispersion, complete Mo sulfiding/Mo-S coordination, and more
efficient decoration of the active sites with coordinately unsaturated
promoter atoms.
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Introduction:

The need to reach lower sulphur content in fossil fuels has
induced a lot of studies devoted to a better understanding of
hydrotreating catalysts. The most commonly used HDT catalysts are
NiMoS or CoMoS phases supported on y-alumina. The different key
parameters to improve the performances of these systems are the
nature of the active phase, the nature of the support, the method of
preparation and sulfidation, and also the use of additives. The support
effect associated with HDT catalysts has been deeply studied
especially in hydrodesulfurization (HDS) [1,2]. Among the possible
oxides, titania and zirconia supports were intensively investigated in
order to understand the promoting effect obtained for CoMo catalysts
which was still lower on these carriers than over y-alumina although
the unpromoted counterparts were much more active when supported
on titania and zirconia [3.,4,5]. Nowadays, second generation bio-
fuels coming from ligno-cellulosic biomass are expected to afford a
solution to the increasing demand for fuel. The bio-oils obtained
from biomass liquefaction need to be deoxygenized in order to be
compatible with conventional fuels and this upgrading can be
realized by hydrodeoxygenation (HDO) process [6]. CoMoS and
NiMoS supported catalysts which have been found to be efficient for
HDO are also interesting because of the possibility to co-process bio-
oil together with gas-oil [7]. However, among the different studies
undertaken in this area [8,9,10] the support effect over the
performance of the catalysts in HDO reaction and in HDO/HDS
competition reaction has never been clearly evidenced. In this work,
a model reaction of HDO has been carried out with supported
CoMoS catalysts in order to evaluate the support effect in this
reaction, complementary to the study on promoting effect realized
previously. In relation with HDS studies, zirconia and titania
appeared as good candidates to be evaluated in HDO and compared
to y-alumina. Guaiacol (GUA) has been chosen as model reactant
representative of the O-compounds coming from ligno-cellulosic
biomass.

The reaction scheme of the GUA transformation involved several
steps (Figure 1): the conversion of GUA to catechol (CAT) by
demethylation (DME) or the direct transformation of GUA into
phenol (PHE) and methanol by demethoxylation (DMO). Starting
from PHE, two routes have to be considered: a direct deoxygenation
(DDO) to form benzene or a hydrogenation (HYD) to form
cyclohexene and then cyclohexane. When GUA is converted into
CAT, the positively charged eliminated methyl group can be further
involved in a methyl substitution on the aromatic ring to form a new
family of methyl-products. This-side reaction principally occurred
with supports and does not need the presence of metallic phase [11].
Starting from PHE, a direct analogy can be made with HDS of
(benzo)thiophenic compounds transformed via two main routes: DDS
and HYD. Considering the results obtained with the three catalytic
systems a novel reaction scheme has been proposed for each of them.

MeCAT MePHE toluene

oo O O
Methy!
substltutlon CHs; ©
DDO
-CHy OH /

OH
OCH,3 y © benzene
DME HYD
GUA H20 PHE @ O
‘— DMO cycloC6= cycloC6
Figure 1. General GUA HDO reaction scheme
Experimental:

Catalysts: The catalysts were prepared by classical incipient wetness
co-impregnation ~ method  with  aqueous solutions of
NH4M0,0,4.4H,0 and Co(NO;),.6H,0. The alumina used is y-type
with 200 m%g surface area. Zirconia and titania are commercial
supports (Norpro, Saint-Gobain) with a surface area of 120 m*/g and
100 m*/g respectively. The supports were crushed and sieved to 80-
125 um size before impregnation. After impregnation and maturation
overnight, the solids were dried at 383K under vacuum condition for
3h and calcined at 773K for 3h under air flow (4 L/h). Before each
catalytic experiment, the catalysts were sulfided ex-situ under
H,S/H; 15% (v/v) flow at 673K for 4h (10K/min, flow rate: 4L/h). At
the end of the sulfidation, the catalysts were cooled down under
nitrogen flow and stored under argon to avoid any oxydation.

Catalysts characterization: For each support, the loading of CoMo
has been optimized in order to avoid CoMoO, and MoOs; in oxidic
phase. Several preparations have been made increasing the loading of
Mo and Co with the atomic ratio Co/(Co+Mo) still equal to 0.3, and
for all the systems, the appearance of CoMoO, and MoO; has been
controlled by Raman spectroscopy mapping. Textural and elemental
analyses of the catalytic systems have been undertaken, as well as
High Resolution Electronic Microscopy (HREM) and X-ray
Photoelectron Spectroscopy (XPS). The main characteristics of the
catalysts used in this work are summarized in Table 1. From XPS and
TEM (not given), we can observed that the dispersion, the slabs
dimensions, or the sulfidation state for the three catalysts were quite
similar. The stacking and length of the slabs for CoMoS/TiO,
compared to the others systems were found slightly smaller (2.5 nm
and 2.1 respectively) in accordance with previously published results.
Isopropanol dehydration has been carried out to evaluate the acidity
of the supports which decreased in the order: y-Al,05 > TiO, > ZrO,.

Table 1. Main characteristics of the catalysts

Catalysts a t%?nz il;:/; Co/(Co+Mo)
CoMoS /y-Al,0;5 2.7 190 0.29
CoMoS /TiO, 4.1 90 0.31
CoMoS/ZrO, 3.7 112 0.29

Catalytic evaluation: The catalytic experiments were carried out in
a fixed bed tubular reactor equipped with a Pyrex envelope. The
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operating conditions were chosen in order to avoid any diffusion
limitations. The temperature of the reaction was 573K and the total
pressure of hydrogen was 4MPa. The reactant (GUA) was introduced
with H, through a saturator/condenser system at a partial pressure of
2,67 kPa. Hydrogen sulfide (H,S) was added to reach a partial
pressure of 400 Pa (100 ppm) in order to maintain the catalyst in a
sulfided state during HDO reaction. The total flow was varied
between 50 and 500 ml/min. Catalytic activities were measured at
steady state after 12 hours on stream. The accuracy of catalytic
activity determination is better than 10%. The products were
analyzed online by gas chromatography HP 5890 equipped with a
flame ionization detector (FID) with CP-Sil5 capillary column (50 m
x 0.32 mm x 5 pum). All the products have been identified by GC-
MS.

Results and discussion:

Many compounds were formed during the transformation of Guaiacol
(GUA) in the described conditions. With the three catalytic systems
the appearance of products in function of the total conversion has
been measured and displays an image of the reaction scheme. The
intrinsic reaction rates calculated for total GUA conversion (riGua))
showed that the CoMoS/ZrO, catalyst was very efficient compared to
the two other systems since the total conversion rate reached a value
7-times higher (Table 2). However, some products were not
deoxygenated like catechol (CAT), Phenol (PHE) and to have a more
precise idea of the deoxygenation performances, an intrinsic HDO
rate has been calculated rigipoy per Mo atom. CoMoS/ZrO, was also
found to be the most active catalyst for deoxygenation as rigpo) was
6 times higher than for the two others catalysts. Such a difference in
catalytic activity per Mo atom between CoMo catalysts supported on
titania, alumina and zirconia has never been reported previously in
HDT. It should be noted that for the considered three catalysts the
sulfidation state and the dispersion observed with XPS and HREM
can not explain the different performances.

The selectivity found for the three catalytic systems showed that
different pathways have to be considered for each catalytic system.
The reaction scheme could be analyzed in two steps: the first is the
GUA conversion to CAT and PHE, the second is the conversion of
PHE to O-free compounds

Table 2. Total and deoxygenation intrinsic rates in GUA HDO
over ZrQO,, TiO, and Al,O;-supported CoMo catalysts

. -4
T(GuA) 10

- -7
rl(HDO)IO

Catalysts molec.Mo at'.s? | molec.Mo at”.s™!
CoMoS/y-Al,O3 93 7.8
CoMoS/TiO, 131 12.6
CoMoS/ZrO, 736 65.0

For alumina-supported catalyst, CAT and PHE appeared as the
primary products of GUA conversion followed by methyl-catechol
(Me-CAT) and methyl-phenol (Me-PHE). Then from phenol or Me-
PHE, DDO and HYD were observed leading to benzene and
cyclohexene as well as methylated analogs like toluene. In gas phase,
methane and methanol have been also identified. In addition of those,
CoMoS/AlLO; lead to more than 40 products including condensation
(cyclohexylbenzene) or polymethylated compounds
(tetramethylbenzene). With titania-supported CoMo catalyst, DME to
form CAT and methane (observed in gas phase) was the principal

way of the transformation of GUA. PHE was formed exclusively
from CAT and then HYD route with the formation of cyclohexene,
or DDO with benzene appeared. Only toluene was observed as
methylated O-free product indicating that HYD was inhibited by
methyl in ortho position.

OMe
OH  pmo OH  ppo
MeOH

Figure 2. Reaction scheme of GUA HDO over CoMoS/ZrO,

With zirconia-supported catalyst, few products have been formed and
the reaction scheme is very simple (Figure 2): PHE was formed
directly from GUA by DMO and then benzene was obtained by
DDO. The advantage of this catalytic reaction scheme is the lower
consumption of hydrogen during the process. Independently of that,
and contrary to previous studies, these experiments show that the
GUA transformation is very dependant of the nature of the support
and the support can change drastically the selectivity of the
transformation. Previously, Centeno et al. demonstrated that carbon
support compared to alumina, lead to a higher PHE/CAT ratio but the
catalytic activity with carbon support was lower [12]. PHE/CAT ratio
found in this work for the GUA transformation over the three
catalysts has been illustrated in Figure 3. In the case of zirconia-
supported system, the ratio CAT/PHE was totally different from the
ones observed with TiO, and Al,Os catalyst. Thus, for CoMoS/ZrO,,
the GUA was quickly demethoxylated to PHE and methanol. Gas
analysis has confirmed that methanol was the main gaseous product
observed.
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100 1 O CoMo/TiO2 L
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———————— - -
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Figure 3. PHE/CAT ratio in function of GUA conversion with ZrO,,
Ti0, and Al,O3-supported CoMo catalysts

The first step of GUA transformation (conversion GUA to PHE) may
have a dramatic influence over the total transformation. Effectively,
with alumina-supported system, three different pathways were
observed in parallel:

- GUA to PHE with CAT as intermediate (DME)

- GUA to PHE (DMO)

- GUA to CAT and methyl substitution to Me-CAT, Me-PHE.

In this last case the substitution of methyl group occurred
preferentially in ortho position and this steric hindrance slowed down
the deoxygenation [13].

The DME route used with this catalyst (GUA to CAT and then to
PHE) is also the main pathway observed with CoMoS/TiO,. It
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consists in two dehydroxylation reactions certainly happening
according a hydrogenation\dehydration sequence.

The direct DMO to PHE happens very quickly compared to these
two successive dehydroxylations and could explain the higher rate
observed for the whole process with CoMoS/ZrO,. Nethertheless, the
selectivity for the conversion of PHE to O-free compounds should
also play a great role: the HYD route goes through many
intermediates as cyclohexanone and cyclohexanol while the DDO
route affords directly to benzene. The adsorption mode of GUA onto
the catalytic system must play an important role in this reaction
scheme and ZrO, appeared to favor activation of O-compounds on
the support surface as recently published [14].

In which concerns HDS of dibenzothiophenic compounds, CoMo
catalysts supported on ZrO, or TiO, can be as active as y-Al,O3 but
they have never reached such high level of catalytic activity although
the active site required to realize the transformation can be
considered to be the same [15] for both reactions. This last
assumption has to be moderated to the PHE transformation into
deoxygenated compounds. Effectively, as previously explained only
this part of the GUA reaction scheme can be directly compared to
HDS of dibenzothiophenic (DBT) compounds. Of course the
reactivity of these molecules should differ greatly from phenol
because of the difference between C-S and C-O bond strength, but
analogy between HDO of PHE and HDS of DBT seems significant.
The importance of the adsorption mode has been well-established
and hydrogenolysis of C-X (X=0, S) bond is strongly favored by a
perpendicular adsorption through the X atom (n'). The similar
selectivity obtained in thiophenic compounds HDS with CoMoS
catalysts supported on alumina, titania or zirconia [16] indicates that
the adsorption mode must be the same on these supports which is not
the case for HDO. The stronger hydrogenolysis character evidenced
for C-O bond with CoMoS/ZrO, catalyst, in this work, can be
initiated by a specific adsorption and activation on zirconia support
of O-compounds.

Conclusion:

The use of CoMoS/ZrO, catalyst in the model HDO reaction of GUA
showed that the direct hydrogenolysis of C,,-O bond was mainly
observed and lead very efficiently and selectively to deoxygenates. A
very simple reaction scheme, where both support and active phase
play important roles can be proposed, with a low consumption of
hydrogen. On the contrary, with CoMoS/TiO, and CoMoS/Al,04
catalytic systems, parallel reactions and HYD slowed down the
whole HDO process and the reaction schemes are more complicated.
Compared to HDS studies, the adsorption mode and activation of O-
compounds must play a major role in the HDO transformation of
GUA. In order to upgrade bio-oils in co-process with gas-oil or
independently, CoMoS/ZrO, appears as a candidate of choice and
more investigations are carried out.
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Introduction

It is recognized that bio-oils obtained by fast pyrolysis processes are
not compatible with existing petroleum products due to their
hydrophilic and acidic nature arising from their oxygen contents.
The thermolytic solvent extraction of biomass offers a promising
route for producing oils in high yield that are compatible with
petroleum streams without the need to employ high pressure catalytic
hydrogenation to facilitate high levels of oxygen removal. A number
of solvents have been investigated in early studies. For example,
Vanasse et al.' used creosote oil and ethylene glycol to achive oil
yields over 40 % from Populus Deltoides. Yan® investigated the
thermal liquefaction of paper, oak and fir using a number of process
solvents and reported high conversions to pyridine-solubles. Czarena
et al’ studied mild solvent extraction of white and red oak at
different temperatures and, at 350°C wusing anthracene oil,
conversions of 99% were achieved but with significant solvent loss.
Li et al.* studied liquefaction of rice straw in sub- and supercritical
1,4-dioxane-water mixtures at temperatures of 260-340°C and
reported oil yields of 30-50%. To date, there have been no studies
have reported in model hydrogen-donor solvents, Therefore, in this
study extractions have been conducted on miscanthus with tetralin
and a selection of non-donor solvents and the effect of temperature
on heavy oil (bitumen) yield has been assessed.

Experimental

The liquefaction experiments were conducted using the
equipment shown in Figure 1 that comprises a Parr 4740 series
stainless steel 22 ml cylindrical pressure vessel connected to a
pressure gauge rated to 690 bar. Heat was applied by means of a
fluidised sand bath and temperature was monitored by means of an
additional K-type thermocouple connected externally to a computer
which records the temperature every 10 seconds.

The liquefaction experiments were conducted on miscanthus
using tetralin as a hydrogen-donor solvent and decalin, 1-
methylnaphtphalene as non- donors, together with bitumen,
polyethylene and polystyrene. Baseline anhydrous and hydrous
experiments were also conducted. Standard condition used were a
temperature of 410°C, a residence time of one hour and a solvent to
feedstock mass ratio of 2.5:1. For tetralin, the temperature was
varied between 380 and 460°C. For all experiments performed, the
experimental set up was purged for about 20 minutes with nitrogen
gas, after which nitrogen gas at 2 bar was introduced toprovie an
inert atmosphere. The sand bath was pre-heated to the required
temperature and left for about 10 mins. to equilibrate. The pressure
vessel was then lowered onto the sand bath and the experiment left to
run with a constant air flow through the sand bath. After the duration
of the experiment, the reactor was removed from the sand bath
immediately and allowed to cool to room temperature before product
recovery.

Gases were collected using a gas tight syringe, transferred into a
gas bag and immediately analysed on a Carlo Erba HRGC 5300 gas
chromatograph. The contents of the reactor were recovered in
toluene to determine the yield of toluene-insolubles. The toluene-
solubles were distilled first to remove toluene and, then in the case of

tetralin distilled further to remove both tetralin and naphthalene. The
residue was weighed and is referred to as bitumen.

Distilled water tank ———¥] High pressure

liquid pump

Compressed
air inlet

C} Pressure Gauge

iﬁ: 3 Pressure regulator
C External pressure

gauge

Pressure Vent

Temperature control

—1

1 «—Compressed air inlet

Fluidised sand
Bath——»

Reactor Vessel

—

Figure 1 Schematic diagram of liquefaction equipment

Results and Discussion

Conversions with different solvents Figure 2 presents the
conversions to toluene-solubles obtained with the different solvents
investigated. The baseline conversion obtained in water was close to
60%. As expected, the highest conversion was obtained with tetralin
(90%) with intermediate conversions for the non-donor solvents, 1-
methylnaphthalene and decalin both giving conversions close to
70%. No synergistic effect was observed between decalin and 1-
methylnaphthalene with the conversion again being close to 70% for
their 50:50 mixture. The increase in conversion from 60 to 90% in
going from using no solvent to using tetralin is largely accounted for
by the increase in bitumen yield.

£ No added solvent

100.0

900 S O Tetralin
£00 [ Decalin
[ |
700 ] .
g Bitumen

60.0 Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
Y
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3 1- methylnaphthalene

H Water

Conversion Rate (wt. %)
g
5

Decalin/1-
methylnaphthalene

O Polystyrene

£l Polyethylene

0.0

B Polystyrene/Tetralin

Solvents

Figure 2 Conversions to toluene-solubles for miscanthus with
different solvents at 410°C (daf basis, one hour with a solvent to
feedstock mass ratio of 2:5: 1).

Petroleum bitumen as a solvent gave rise to only increase in
overall conversion compared to the baseline conversion level of 60%.
Polyethene and polystyrene gave rise to reduced conversions, the
reduction being greater for polystyrene and the yield of toluene-
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solubles being below 50% (Figure 1). The use of a 50:50 mixture of
polystyrene and tetralin gave rise to a lower conversion than
predicted. These results suggest that waste polymer streams are not
going to effective solvents for liquefying biomass.

Effect of temperature on conversion Figures 3 and 4 present
the total conversions to toluene-solubles and the hydrocarbon and
bitumen yields as a function of temperature. It is interesting to note
that conversion continue to increase with temperature and does not
reach a plateau after which carbonization reactions begin to occur
and reduce conversion (Figure 3).

100.0

onversion Rate (wt. %)
*

Temperature (°C)

Figure 3 Effect of temperature on conversions to toluene-solubles for
miscanthus (daf basis, one hour with a solvent to feedstock mass
ratio of 2:5: 1).

30.00
25.00

20.00 - 2550

Bitumen Yeild (wt. %)
Gas Yeild (wt. %)

15.00

Temperature (°C)

Figure 4 Effect of temperature on hydrocarbon agas nd bitumen
yields for miscanthus (daf basis, one hour with a solvent to feedstock
mass ratio of 2:5: 1).

In going from 380 to 460°C, the yield of hydrocarbon gases increases
from ca. 0.5 to 4.5 %w/w while the yield of bitumen falls from ca 34
to 25 %w/w (Figure 4)..The discrepancy between the increase in
hydrocarbon gas yield and the decrease in bitumen yield is accounted
for by a combination of increased oxygen removal and some
cracking to light oil.. Indeed, the tetralin and naphthalene recovered
by distillation becomes more coloured with increasing temperature

due to the presence of light oil. The oxygen contents of the oil
measured by difference are close to 10% w/w and fall with
increasing temperature.

Conclusions

1. Overall, conversions with tetralin to toluene-solubles are ca. 90%
with heavy oil (bitumen) yields of ca. 35% compared to 72 and
20%, respectively with 1-methylnaphthalene and other non-
hydrogen-donors.

2. The oils have oxygen contents as low as 10% and these generally
decrease with increasing extraction temperature.

3. The use of thermally-decomposing polymers as solvents resulted
in conversions similar or lower than the baseline level of ca. 60%
without solvent.

4. Total conversions remain high at temperatures up to 460°C but
bitumen yields decrease due to cracking giving rise hydrocarbon
gases and light oil with a further loss of oxygen,
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Introduction

Ultra-deep desulfurization of transportation fuels has become an
increasingly important subject because of not only the stringent fuel
specifications for the transportation fuels, but also the severe
requirement of liquid hydrocarbon fuels (< 1 ppmw S) for fuel cell
applications.'”. Transportation fuels such as the current commercial
ultra-low sulfur diesel (ULSD) with sulfur content less than 15
ppmw is a preferred liquid hydrocarbon fuel for producing H, for
automotive, portable and resident fuel cells due to its high energy
density, availability, safety, and ease for delivery and storage. Since
sulfur poisons the reforming catalysts and the electrode catalysts,
the sulfur in the fuel needs to be reduced to less than 1 ppmw for
PEMFC'. Hydrodesulfurization (HDS) is the conventional process
in petroleum refineries to reduce the sulfur from liquid fuels, but it
is difficult or very costly to reduce the sulfur content in ULSD with
15 ppmw sulfur to less than 1 ppmw level for the fuel cell
applications. According to our previous study,>® for reducing the
sulfur content in the current commercial ULSD from 15 ppmw to
less than 1 ppmw by using the current hydrotreating technology,
the catalyst bed volume or the catalyst activity must be about 68 %
higher than that currently used in refineries. Therefore, it is desired
to develop a novel technology for ultra-deep desulfurization of
ULSD for fuel cell applications. Many new approaches for ultra-
deep desulfurization of liquid hydrocarbon fuels have been reported
in literature."*” Among them the reactive adsorption on the nickel-
based sorbents is promising and has attracted a significant attention
due 8t?6 the high capacity and selectivity without using hydrogen
gas.

The present paper reports on one of our current approaches in
development of mesoporous nickel-based sorbents for the
adsorptive  desulfurization of ULSD. The desulfurization
performance of the sorbents was evaluated in a fixed-bed flow
sorption system at 200 °C using a commercial ULSD with sulfur
content of 15 ppmw. The desulfurization selectivity for the different
sulfur compounds on the nickel-based sorbent was discussed on the
basis of the detailed analysis of the sulfur compounds in the initial
and treated ULSD.

Experimental

Sorbent Preparation. MCM-48 was prepared using a similar
procedure as described in the literature'’. The mesoporous-
molecular-sieve-supported nickel sorbents were prepared by an
incipient wetness impregnation (IWI) method. The desired amount
of Ni(NO;),.6H,0 was dissolved in tetrahydrofuran (THF), and the
solution was slowly added into the support material at room
temperature under the ultrasonic aid in a ultrasonic bath. The
mixture was kept in the ultrasonic bath for 3 h at room temperature,
and then, dried in an oven at 100 °C overnight. The dried samples
were then reduced in a fixed-bed reactor under a pure hydrogen gas
flow at 550 °C for 4 h.

Sorbent Characterization. Transmission electron microscopy
(TEM) was obtained by using a JEOL EM-2010F with EDS from
EDAX operating at accelerating voltage of 200 kV. The samples
were prepared by dispersing the sorbent powder as slurry in
acetone, which was then deposited and dried on a lacey carbon film
on a Cu grid.

The H,-chemisorption was performed using a Micromeritics
AutoChem II 2910 instrument. About 40 mg of the sample was first
pretreated in a quartz reactor under a pure H, flow at 550 °C for 2 h
followed by purging with high-purity argon (Ar). After the sample
was cooled to 50 °C, a H,-Ar mixture with 5 vol % H, was
introduced into the reactor. The consumption of H, was monitored
by a thermal conductivity detector (TCD).

Adsorptive desulfurization (ADS) Performance Tests.
Evaluation of the ADS performance of sorbents was conducted in a
fixed-bed flow sorption system with a stainless steel column (4.6
mm [.D. x 150 mm length). A commercial ULSD (or a model fuel)
was fed into the column from the bottom by a HPLC pump. The
adsorption conditions were controlled at 200 °C and a liquid hourly
speed velocity (LHSV) of 4.8 h™'. The effluent fuel from the top of
the column was periodically sampled at an interval of 15-20 min for
analysis. A commercial ULSD with 15 ppmw of total sulfur was
used in this study. The composition and properties of the ULSD are
listed in Table 1.

Table 1. Composition and properties of ULSD.

Specific Gravity 0.84
Distillation (°C)

IBP 166

T50 260

FBP 346
Cetane Number (engine rating) 49.7
Flash point (°C) 63.9
Viscosity at 40°C, (cSt) 2.5
Pour point (°C) -18
Cloud point (°C) -12

Polycyclic aromatic hydrocarbon (GC-SFC, wt %) 6.9

Element analysis

C (Wt%) 86.8
H (wt%) 12.9
N (ppmw) 12
S (ppmw) 15

Analysis of the Treated ULSD. The total sulfur concentration of
the treated fuel samples was analyzed by using ANTEK 9000 series
sulfur analyzer. The sulfur compounds in the treated and un-treated
fuels were analyzed by using a Hewlett-Packard gas chromatograph
equipped with a sulfur-selective pulsed flame photometric detector
(GC-PFPD). A Hewlett Packard 5890 series II gas chromatograph
with a capillary column (XTI-5, Restek, bonded 5%, 30 m x 0.25
mm i.d. x 0.25 pm film thickness) and a split mode injector (ratio:
100:1) was used with ultra high-purity helium as a carrier gas. The
oven temperature was initially set at 120 °C and ramped
immediately at 6 °C/min to 170 °C, followed by a ramp at 20 °C
/min from 170 to 290 °C, and held at 290 °C for 5 min. The
injection sample volume was 1 pL.

Results and Discussion

ADS performance of the prepared sorbent was evaluated in
comparison with a commercial Raney Nickel and a Ni/SiO,-AL,O;
with nickel loading of 55 wt % in the flow sorption system at 200
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°C and 4.8 h™ of LHSV. The breakthrough curves for Ni20/MCM-
48, Raney Nickel and Ni/SiO,-Al,0; are shown in Figure 1. The
breakthrough capacity on the basis of the sorbent weight increases
in the order of Raney Nickel (0.19 mg-S/g-sorb) < Ni55/Si0,-Al,04
(0.41 mg-S/g-sorb) < Ni20/MCM-48 (2.1 mg-S/g). Ni20/MCM-48
gives the highest breakthrough capacity. If the results were
compared on the basis of the sorbent volume, the order of
breakthrough capacity is changed to Ni55/Si0,-Al,03 (0.32 mg-
S/ml-sorb) < Raney Nickel (0.35 mg-S/ml-sorb) < Ni20/MCM-48
(0.69 mg-S/ ml-sorb), as the packing densities of the sorbents are
quite different. On the basis of the sorbent volume the
desulfurization performance of Ni20/MCM-48 is still the best
sorbent among them. According to the present study, each kilogram
of Ni20/MCM-48 is able to treat 170 L of the commercial ULSD
with sulfur content of 15 ppmw to get the treated ULSD with sulfur
content less than 1 ppmw. The weight-based capacity of the
Ni20/MCM-48 developed in this study is higher than that by Park et
al."’ by a factor of more than 4.
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Figure 1. Breakthrough curves of ULSD over Ni20/MCM-48,
Ni55/Si0,-A1,0;, and Raney Nickel. Sorption condition: 200 °C
and 4.8 h" of LHSV.

MCM-48 and Ni20/MCM-48 were also characterized by TEM.
The TEM images are shown in Figure 2. Figure 2a confirms the
three-dimensional network structure of the synthesized MCM-48.
Figure 2b shows the uniform distribution of the nickel particles
with an average particle size about 2.5 nm in Ni20/MCM-48. The
majority of the nickel particles should be in the MCM-48 channels,
which results in the high dispersion of nickel on MCM-48 support.
In order to clarify further why Ni20/MCM-48 exhibited the much
better ADS performance than others, the H, chemisorption on the
Ni20/MCM-48 was conducted, and the measured metal dispersion
was 35%. The results reveal that large number of the exposed nickel
atoms in Ni20/MCM-48 due to the high dispersion of nickel lead to
the high breakthrough capacity of Ni20/MCM-48.

Figure 2.TEM images of MCM-48(a) and Ni20/MCM-48(b).

The GC-PFPD chromatograms of the initial ULSD and the
treated ULSD with the assigned peaks are shown in Figure 3.
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Figure 3. GC-PFPD chromatographs of initial ULSD and the
desulfurized ULSD samples over Ni20/MCM-48 at 200 °C, 4.8 h-1
of LHSV.

The major sulfur compounds in the ULSD are the alkyl DBTs
with two alkyl substituents at the 4- and 6-positions respectively,
such as 4,6-DMDBT, 4-ethyl,6-methyl-dibenzothiophene (4-E,6-
MDBT), 2.4,6-trimethyldibenzo-thiophene (2,4,6-TMDBT), 4,6-
diethyldibenzothiophene (4,6-DEDBT) and 6-ethyl,2,4-
methyldibenzothiophene (6-E,2,4-DMDBT). It was found that
among these sulfur compounds, the first breakthrough sulfur
compound was 4,6-DEDBT. By comparison of the GC-PFPD peak
area of the sulfur compounds in the treated and initial fuels, it
appears that the desulfurization selectivity of Ni20/MCM-48
decreases in the order of 4-MDBT > 4,6-DMDBT =~ 2,4,6-TMDBT
> 4-E,6-MDBT = 6-E,2,4-DMDBT, > 4,6-DEDBT. It indicates that
the desulfurization selectivity is dependent not only on the number
of the alkyl substitutes at the 4- and 6-positions, but also on the size
of the alkyl substituents at the 4- and 6-positions. The lowest
selectivity for 4,6-DEDBT can be ascribed to the two largest alkyl
substituents (ethyl groups) at the 4- and 6-positions, respectively.
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Conclusion

A new nickel-based sorbent for the reactive adsorption
desulfurization of commercial ULSD was developed by the incipient
wetness impregnation of nickel on mesoporous silica, MCM-48. The
prepared sorbent with 20 % nickel loading on MCM-48
(Ni20/MCM-48) showed the excellent sorption performance, as the
loaded nickel highly dispersed on the MCM-48 with the average
nickel particle size of 2.5 nm. A breakthrough capacity of 2.1 mg-
S/g-sorb at a breakthrough sulfur level of 1 ppmw was obtained for
sulfur removal from the commercial ULSD with 15 ppmw of sulfur.
The desulfurization reactivity of the alkyl DBTs on the nickel-based
sorbents is dependent not only on the number, but also on the size of
the alkyl substituents at the 4- and 6-positions of DBTs. Among all
sulfur compounds in the ULSD, 4,6-DEDBT has the lowest
reactivity, which can be ascribed to the strong steric hindrance of the
two ethyl groups at the 4- and 6-positions.
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Introduction

Oil sand bitumen is an important energy resource because
of its abundant supply. The proven reserve in Canada is
estimated to be about 173 billion barrels. Steam assisted
gravity drainage (SAGD) is a new mining method that enables
recovery of the bitumen in deep layers by injection of steam
into the ground. Because the amount of bitumen minable by
conventional surface mining methods is estimated to be only
about 20% of the total reserve, in situ methods such as SAGD
are increasingly important. The viscosity of bitumen mined
using SAGD 1is not sufficiently low to enable transport by
pipeline without any treatment. Therefore, development of an
effective on-site upgrading process for bitumen is essential.
Because hot bitumen and high-pressure water are already
available at SAGD mine sites, treatment of the bitumen using
supercritical water (SCW) could be a viable solution.'

The objective of this work was to clarify the effect of
SCW during bitumen upgrading. We treated the bitumen with
water, nitrogen, and toluene at 450°C. Nitrogen and toluene
were selected as inert and reactive media, respectively, for
comparison with water. Then, we conducted analyses and
comparisons of the products.

Experimental

Experimental procedure Canadian bitumen (C: 83.5,
H: 10.6, N: 0.47, S: 4.17, O: 1.00, Others: 0.30 wt %) mined
by SAGD method was used. Two steal balls (7.0 mm-D) and
4.0 g of SAGD-bitumen were put into an autoclave (SUS316,
50 ml, 14 mm-ID x 320 mm), and packed with 8.0 g of water,
8.0 MPa of nitrogen, or 22 g of toluene. The autoclave was
heated up to 450°C at a heating rate of about 25 K/min, using
a tiltable electric furnace applied about 39 times per min. The
inner pressure of every experiment was about 30 MPa. After a
given time (60 or 120 min) from the time point that the
autoclave was inserted into the furnace, the autoclave was
pulled out and cooled down. Product remained in the
autoclave was recovered by washing with hot toluene.

The toluene-insoluble fraction (coke) was separated by
filtration. The toluene-soluble product obtained was distillated
using a glass tube oven at 250°C and 0.001 MPa, which
corresponds to 420°C at 0.1 MPa. Using this distillation, the
liquid product was separated into two fractions: middle
distillate (MD) and distillation residue (DR).

The products prepared at 450°C are referred to by the
experimental conditions under which they were produced:
reaction medium (W for water, N for nitrogen, or T for
toluene) subscript (reaction time 60 or 120 min)-product (MD,
DR, or coke). For example, W¢,-MD is the MD prepared with

water at 450°C for 60 min. The MD and the DR contained in
the bitumen are abbreviated as B-MD and B-DR, respectively.

Product analysis The amounts of gaseous products,
C; to C; and CO,, were determined using a GC. MDs were
analyzed in terms of boiling point distribution (ASTM D2887),
molecular weight distribution (GPC), elemental composition
(CHNS), hydrogen and carbon type distribution (NMR) , and
compound distribution (GC-FID, GC-SCD, GC-NPD, and GC-
MS). The DR was analyzed in terms of molecular weight
distribution, elemental composition, hydrogen type distribution,
carbon type distribution, and Conradson carbon residue (CCR,
ASTM D189). The average molecular structure of the DR was
analyzed using our method® based on the Brown—Ladner
method. The number average molecular weight (M,) was
determined using GPC with calibration standards our
proposed.’

The coke was analyzed in terms of elemental composition
and carbon aromaticity (f,), which were determined using a
solid-state '°C CP/MAS NMR at a ">C frequency of 75.46
MHz and MAS rate of 10 kHz, with a contact time of 1 ms and
a pulse repetition time of 4 s for 3600 scan times.

Result and discussion

Effect of reaction media on conversion Tables 1 and
2 show the recovery ratios of MD and DR. The bitumen
contained 23 wt% of MD, 77 wt% of DR, and no toluene-
insoluble fraction. As the reaction time increased, the yield of
coke increased and that of DR decreased. The conversion
shown in those tables was defined as the ratio of fraction
converted into the light product from the original DR, i.e. one
minus (sum of the yields of DR and coke) divided by (the yield
of DR contained in the bitumen). At both 60 and 120 min, the
conversions in water were the highest of all the reaction media.

MD comparisons All MD samples consisted mainly
of compounds with boiling points of less than 500°C. The
boiling point distributions of W¢-MD and Ng-MD were
similar, whereas Tg-MD contained a larger amount of
compounds with low boiling points. Figure 1 shows the GC-
FID, GC-SCD, and GC-NPD traces of MDs treated at 450°C
for 60 min with water, nitrogen, and toluene. No significant
differences among those traces were observed except for Tg-
MD. T¢-MD showed several specific peaks, which were
identified by GC-MS analysis as being related to derivatives of
alkyl toluenes and their dimers. This indicated that toluene
reacted with decomposed products formed during the pyrolysis.
The GPC traces of Wg-MD and Ng-MD were similar,
whereas Tg-MD contained larger amount of compounds with
low molecular weights. Table 1 shows the -elemental
compositions of MDs. The H/C atomic ratios of W¢,-MD and
Ngo-MD were both about 1.4, and that of T¢-MD was slightly
less. The 'H and *C NMR spectra of Wg)-MD and Ng-MD
were almost the same as those of 'H and "C at all ranges of
chemical shift. These tendencies for MDs prepared at 60 min
were same as those for at 120 min.

DR comparisons Judging from the GPC traces, Ng-
DR contained a larger amount of higher molecular weight
compounds than the others did. M,s of W4-DR and Ng-DR
were 608 and 655, respectively, and those of Wiy-DR and
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Figure 1. GC-FID, GC-SCD, and GC-NPD traces of MD
prepared at 450°C for 60 min with water, nitrogen, and toluene.

Ni20-DR were 589 and 610, respectively. DR prepared in SCW
consisted of compounds with a lower molecular weight than
those prepared with nitrogen. Table 2 summarizes the
elemental compositions, M,,, and distributions of hydrogen and
carbon type of W60-DR, leo-DR, N60-DR, and N120-DR.
Although the H/C ratio of both W4-DR and Ng-DR were
about 0.92, that of W5-DR (0.73) was much lower than that
of N50-DR (0.85). W,0-DR also contained a larger amount of
aromatic carbon. As a result, the DR prepared with water and
nitrogen exhibited different hydrogen and carbon type
distributions. The CCRs of DRs were considered to reflect the
differences in DR structure and molecular weight distribution.

The average molecule in the DR had 9-11 rings. The
numbers of units of W¢-DR and W ,-DR were 1.4 and 1.1,
and the numbers in Ng-DR and N;,-DR were 1.2 and 1.5,
respectively. Here, unit means the structure consisting of one
fused ring system and several side chains. The units in DR
prepared with both media were combined with two to four
alkyl chains, whose average lengths were less than two. The
DRs prepared with water had more condensed structure and
shorter average chain lengths than those prepared with
nitrogen.

Coke comparison Table 3 shows the elemental
composition and aromaticity of coke prepared at 450°C for 60
and 120 min with water and nitrogen. The coke prepared with
water had lower values of H/C and higher f, than that prepared
with nitrogen for both treatment times.

Summary and Conclusion

SCW gave the highest conversion of all the reaction media
used. The MD prepared with water and nitrogen showed
similar properties for analyses of the boiling point distribution,
molecular weight distribution, elemental composition,
distribution of hydrogen and carbon type, and compound
distribution. The DR produced with water had lower molecular
weight distribution, lower H/C value, higher aromaticity, and
more condensed structure than those produced in nitrogen. The
coke prepared in SCW also had higher aromaticity.

The upgrading of bitumen by SCW reaction was primarily

considered to be physical in nature, because all properties of

Table 1. Elemental composition and aromaticity of MDs prepared
at 450°C for 60 and 120 min with water, nitrogen, and toluene
B- Weo-  Neo-  Teo-  Wizo Nizo  Tizo-
MD MD MD WMD -MD -MD MD
Recovery (wt %) 23.0 372 325 463 335 257 429

Conversion 0.00 0.65 061 058 071 0.60 0.57
C (wt %) 844 856 853 86.8 836 83.6 856
H (wt %) 11.8 9.9 10.1 9.7 8.4 8.5 8.0
N (wt %) 0.0 0.6 0.6 0.6 0.3 0.4 0.1
S (wt %) 2.8 3.8 3.7 2.7 6.0 5.8 33
Diff. (wt %) 0.9 0.0 0.3 0.2 1.7 1.7 3.0

H/C 1.66 137 141 133 120 121 1.12
fa 0.19 040 040 046 058 0.56 0.65

Table 2. Elemental composition, aromaticity, M,,, CCR, and
distribution of hydrogen type of DRs prepared at 450°C for 60
and 120 min with water and nitrogen

Weo-  Neo-  Wizo-  Nio-

B-DR DR DR DR DR
Recovery (wt %) 77.0 14.3 14.0 8.3 7.5
Conversion 0.00 0.65 0.61 0.71 0.60
C (wt %) 82.4 84.2 84.7 84.7 84.5
H (wt %) 9.2 6.5 6.6 5.2 6.1
N (wt %) 0.5 1.0 0.9 1.0 0.8
S (wt %) 7.1 7.0 7.3 8.8 8.4
Diff. (wt %) 0.8 1.4 0.4 0.3 0.2
H/C 1.33 0.92 0.93 0.73 0.85
fa 0.30 0.69 0.68 0.81 0.73
Mn 992 608 655 589 610
CCR (wt %) 16.1 23.8 31.7 343 25.1
"H NMR (%)
Ha 7.8 26.6 24.7 35.8 30.1
H, 13.0 33.3 29.9 35.2 29.1
Hp 58.1 31.5 35.0 21.5 30.8
H, 20.7 8.6 10.3 7.5 10.0

Table 3. Elemental composition and aromaticity of coke prepared
at 450°C for 60 and 120 min with water and nitrogen
Weo-  Neo- Wiz~ Nioo-
Coke Coke Coke Coke

Recovery (wt %) 12.3 15.9 14.0 23.0
Conversion 0.65 0.61 0.71 0.60
C (Wt %) 84.8 84.7 83.7 85.2
H (wt %) 4.0 4.2 3.6 3.6
N (wt %) 1.6 1.5 1.6 1.4
S (wt %) 7.0 7.5 6.4 6.0
Diff. (wt %) 2.5 2.1 4.7 3.9
H/C 0.56 0.60 0.51 0.50
fa 0.86 0.83 0.90 0.88

the MDs prepared with water and nitrogen were similar to each
other. As a result, it is possible to highly disperse the bitumen
by SCW. This dispersion effect led to intramolecular
dehydrogenation of the heavier component and prevention of
recombination reactions. Consequently, the DR prepared in
SCW consisted of lower molecular weight compounds, which
had more condensed structures than that prepared in nitrogen.
And, SCW gave the highest conversion, a greater amount of
lighter products, and a lower yield of coke.
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INTRODUCTION

Conventionally, sulfur compounds are removed from fuels and
fractions employing various hydrotreating processes that involve use
of Co-Ni-Mo and other mixed transition metal oxides catalysts under
excessive hydrogen pressure. These processes defending on severity,
removes sulfur compounds catalytically and consistently
transforming these compounds to hydrogen sulfides and oxides of
sulfur that are further treated to non-toxic form. However, bulks of
the refractory sulfur compounds are difficult to remove using these
convectional technologies and the limits of sulfur tolerance in fuels is
aggressively lowering with advent of ultra-deep sulfur reduction
requirements on transporting fuels. These stringent environmental
requirements are pushing sulfur tolerance to 10-ppm limit and aiming
for even lesser sulfur content in fuels. Current sulfur removal
technologies will not be able to meet those demands without
equipment modification, increased process severity and heavy
investments on improved catalyst design. This in turn, will increase
processing costs per unit of treated feedstock.

Removal of sulfur and sulfur refractory sulfur compounds can also be
achieved using other non-convectional techniques like oxidation,
microwave application and adsorption on molecular sieves and
adsorbents. In order to accomplish the objectives of ultra low sulfur
reduction, deep desulfurization of fuels is fast becoming a prominent
topic in the refining industry. Selective adsorption of sulfur
compounds, especially refractory sulfur and other hetro-atoms is
gaining popularity as an alternative method for sulfur reduction in
fuels. Several studies and patents have indeed reported removal of
mecaptans, sulfides and disulfides from petroleum fractions using
adsorbents and other molecular sieves; specially synthesized zeolites
and mesapores are reported to successfully adsorb sulfur-containing
compounds from petroleum fractions.

In this study, removal of sulfur using adsorbents, molecular sieves
and modified adsorbents is investigated. Adsorption selectivity,
operating conditions and fuel loss consequent to adsorption were
established. The study is primarily aimed at targeting adsorbent
selection and screening.

EXPERIMENTAL

The reference refinery AGO sample was initially fractionated
into eight (8) boiling range fractions at interval of 30 degrees Celsius
each in order to locate fraction containing higher bulk sulfur.
Characteristics of the reference AGO are shown in table 1 below.
The fractionated samples of the reference fuel are then individually
analyzed individually for bulk sulfur using TwinX sulfur analyzer
XRF spectrophotometer by wavelength dispersive x-ray spectrometry
(ASTM D2622).

Adsorbents were prepared by impregnation of CoCl,.xH,O and
Ni(NO;), salts in accordance to literature. The modified natural

adsorbents and prepared adsorbents with metal loadings were utilized
in the adsorbent screening and testing experimentations. A simplified
sketch of the experimental setup is depicted in figure 1 below. The
adsorption experiments were conducted in a fixed bed of adsorbents
using a tubular reactor operating at temperature interval of (25 — 150)
°C. All experiments were conducted under atmospheric pressure.
Both modified and metal loaded adsorbents were pre-treated
thermally at 150 °C for 2 hrs and followed by controlled treatment
for 4 hrs in nitrogen stream at 400°C before loading into the fixed
bed of the tubular reactor. The collected samples of the desulfurized
fuel existing the reactor were equally analyzed by wavelength
dispersive x-ray spectrometry.

RESULTS AND DISCUSSION

We have carried out investigative study for screening of
adsorbents for potential use in desulfurization of fuels fraction under
mild operating conditions. Three (3) naturally occurring adsorbents
were pre-treated and modified for use in the adsorption experiments.
Experimental results for adsorption on these adsorbents are shown in
table 2 below. Additionally, the adsorbent with higher potential is
subjected to further treatment with metals loading and investigated
further for increase in adsorption intensity. The study did not
investigate any chemical transformation the fuel underwent in the
course of the adsorption. The adsorption experiments were conducted
at varying temperature ranges from room temperature (25°C) to
150°C utilizing different fractions of the reference fuel.

Sulfur adsorption is noticed to reduce with increasing temperature as
witnessed in figure 2 below. This is possibly as a consequent to
reverse process (de-sorption) that seems to occur at the higher
temperatures. Higher adsorption intensity is also noticed in adsorbent
with metal loadings consequent to a probable catalytic incision of C-
S bonds that the desulfurization metals exhibits. The effect of the
metal loadings on the adsorbents is depicted in table table 2 below.

Table 1. Properties of the Reference Refinery AGO

Property Value
Density, @20/4 °C, kg/m’ 849.2
ASTM Color (D-1500) L1.0
Water and sediments, v % 0

Ash content, w % <0.001
Copper strip corrosion (3h, 50°C) 1

D86 Distillation, °C, %v/v

IBP 122.4
5% 162
10% 173.1
30% 220.2
50% 261.2
70% 308.1
80% 338.1
90% 375.7
Kinematic viscosity @ 40°C, cSt 2.682
Total Sulfur, mg/kg 335
TAN, mgKOH/g 0.12
Cetane number 43.0

Thermocouples

E | ——
eed ——I"Q PRODUCT

!

Nitrogen
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Figure 1. Simplified sketch of the adsorption experimental setup

Table 2. Adsorption Ratings of Modified Adsorbents and
Percentage Fuel Recovery (fuel fraction boiling range: 280°C —
310°C, initial sulfur concentration 377ppm, fixed bed reactor

volume: 105.5 cm’, fixed bed temperature 27°C)

Adsorbent Percentage of bulk | Percentage of fuel
sulfur adsorbed, % | recovery, %
Ad-Al 17.20 59.0
Ad-A2 19.36 72.0
Ad-A3 8.48 97.0
Ad-A4 (metal loaded) 45.62 70.0
1]
80
g 70
£ 60
3 50
8 a2
2 320
§ 20
% 10
0
25 50 75 100 150

Fixed bed temperature, C

Fig. 2 The effect of temperature on the adsorption capacity of the
modified adsorbent Ad-A2 fixed bed volume 105.5¢cm’ fuel fraction
280°C -310°C, 377ppm sulfur.

CONCLUSION

Adsorbents screening for non-hydrogen desulfurization of fuels
fractions is investigated. Modified naturally occurring adsorbent (Ad-
A2) exhibits potential for sulfur removal from petroleum fractions.
Impregnation of desulfurization metals to the adsorbent greatly
enhances the sulfur removal ability of the adsorbent lowering the
initial bulk sulfur concentration by 45.65 percent under mild ambient
conditions.
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Introduction

Deep denitrogenation of liquid hydrocarbon streams is
becoming a more and more important subject, because 1) the nitrogen
compounds coexisting in the liquid hydrocarbon streams inhibit
strongly the ultra-deep hydrodesulfurization (HDS) and the removal
of such nitrogen compounds from the streams can improve the ultra-
deep HDS performance significantly;"? 2) nitrogen compounds in the
liquid hydrocarbons and the intermediates and NH; produced from
them during the subsequent processes poison the catalysts in the
subsequent processes, such as hydrodearomatization, reforming for
hydrogen production and BTX production, ring-opening catalysts for
improving the cetane number of diesel and the anode catalysts in fuel
cells;® 3) the current commercial hydrotreating processes for deep
HDS of petroleum distillates may not be suitable for the upgrading of
the liquid hydrocarbon distillates from coal liquefaction and pyrolysis
because of their high nitrogen content, and the hydrodenitrogenation
of such distillates needs to be conducted at severe conditions with
high hydrogen consumption. It is desirable to develop new
approaches to deep denitrogenation that are more energy efficient,
economical and environmental friendly. Currently, removal of
nitrogen from various liquid hydrocarbon streams is carried out via
the catalytic hydrotreating process in refineries. However,
hydrodenitrogenation (HDN) is more difficult than HDS, as much
severer reaction condition and higher hydrogen consumption are
required for HDN. Therefore, adsorptive denitrogenation (ADN) of
liquid hydrocarbon streams by using highly selective adsorbent has
been attracting a great attention.* > Some investigations on ADN of
liquid hydrocarbons on activated carbons have been reported recently
in the literature.* ® 7 It was found that some activated carbons are
promising adsorbents for selective removal of the nitrogen
compounds, due to their high adsorption capacity, selectivity and
good regenerability. In general, the adsorption behavior of carbon
materials depends on both their physical and chemical properties. In
our previous studies in the structure-performance correlation, we
found that the surface chemistry of the activated carbons, including
the type and content of the oxygen-containing functional groups on
the surface, plays an important role in determination of their ADN
performance. A significant improvement in the ADN performance of
the carbon-based adsorbent may be achieved by introducing more
nitrogen-compound-philic oxygen-containing functional groups onto
the carbon surface.

The oxygen-containing functional groups, including their types
and concentration, on the carbon surfaces can be tailored by thermal
or chemical treatments. Different oxygen-containing functional
groups (e.g., carboxylic acids, anhydrides, lactones, carbonyl,
quinones and phenols) can be introduced on the carbon surface by
using oxidizing agents, such as HNOs;, H,SO,4, Hy,O,, O;, air, NO,,
and NaClO. Recently, (NH,),S,05 (Ammonium persulfate, APS)*

19 has been reported to be an excellent oxidant for modifying the
surface properties of carbon materials, as APS is able to introduce
more oxygen-containing groups onto the surface under mild reaction
conditions than the concentrated nitric acid oxidation.

The objective of this study is to maximize the oxygen-
containing functional groups on the activated carbon surface by the
oxidative modification using (NH,4),S,0g as an oxidant in order to
increase the adsorption capacity of the activated carbon for ADN of
liquid hydrocarbon streams. The effects of APS concentration,
oxidation temperature, and oxidation time on the concentration of the
oxygen-containing functional groups on the activated carbon were
examined in detail. The various functional groups on the activated
carbon samples were identified and quantified by the temperature
programmed desorption method (TPD-MS), which has been well
developed.'"> The adsorption isotherms and the important
adsorption parameters of the modified adsorbent for removing
quinoline were measured and compared with those of the initial
activated carbon. The surface chemical structure and the ADN
performance of the adsorbents were correlated and discussed.

Experimental Section

Carbon Material. A commercial activated carbon, denoted as
PAC, was used as a starting material. PAC with a surface area of
2311 m?/g was prepared from petroleum coke and chemical activated.
Prior to the use in experiments, PAC was washed by the distilled
water, and then tried at 110 °C in a vacuum oven overnight for
removal of moisture and other adsorbed contaminants.

Oxidative Modification of PAC. (NH,),S,03(APS) was used
as an oxidant for oxidative modification of PAC . The oxidation
process was conducted by adding 20ml of the APS solution with
different concentrations from 0.1-2.5mol/L in 1M H,SO, to 1g of
PAC sample placed in a glass conical flask with a magnetic stirrer.
The mixture was stirred at the desired temperatures for the desired
periods of time. After oxidation, the treated PAC was separated
from the solution by filtration and washed several times with the
distilled water until a stable PH value was reached. The filter cake
was dried at 110 °C in a vacuum oven for 24h, and then, kept in a
glass bottle with a cover before use. The treated PAC samples were
denoted as Px-y-z, where x is concentration of APS in the solution, y
is reaction temperature (°C) and z is oxidation time (h).

Characterization of AC Samples. The surface areas of AC
samples were measured by the nitrogen adsorption at 77 K, and the
pore size distribution was calculated by applying the Barrett-Joyner-
Halenda (BJH) method on the desorption branch of isotherm curves.
The oxygen-containing functional groups on the carbon surface were
analyzed by TPD-Mass. About 100 mg of the sample was placed in a
quartz reactor. The reactor was then connected to the instrument.
After drying the sample, the temperature was increased from room
temperature to 1050 °C at a rate of 5°C/min under a He flow of 50
ml/min (STP). The evolved CO, CO,, and H,0O, were continuously
measured by a mass spectrometer. The identification and
quantification of various oxygen-containing functional groups on AC
samples were conducted on the basis of the evolution profiles of CO,
CO,, and H,0, which has been reported in our previous paper'.

Adsorption Experiments and Analysis of Treated Oil
Samples. A solution with 20.0 umol/g quinoline in decane was
prepared for use in evaluation of the adsorptive performance of the
AC samples. The adsorption with different solution/adsorbent weight
ratio was conducted in a batch adsorption system with an
electromagnetic stirring at 300 rpm at room temperature for 4 h. After
the desired adsorption time, the mixture was filtered, and the total
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nitrogen concentration in the treated solution was analyzed by using
ANTEK 9000 series nitrogen analyzer.

Results and Discussion

Effect of oxidation conditions on the concentration of
O-containing groups on AC. The surface modification of PAC
by oxidation with (NH,),S,05 solution at different concentration
from 0.1 to 2.5 mol/L was conducted at 60 °C for 3 h. The measured
physical properties and the O-containing functional group
concentration are listed in Table 1. With increase of (NH4),S,0g
concentration from 0.1 to 2.0 mol/L in the solution, the concentration
of the O-containing functional groups increased from 6.2 to 25.9
mmol/g. Further increase in the (NH4),S,0g concentration to 2.5
mol/L resulted in the decrease of the concentration of the O-
containing functional groups due to the collapse of the AC porous
structure, as indicated by the significant reduction of the surface area
and pore volume (see Table 1). The effects of the oxidation
temperatures and times were also examined, and the results are also
listed in Table 1. It is interesting to note that high temperature and
long time did not lead to the increase of the O-containing functional
groups on AC due to the collapse of the AC porous structure. The
best oxidation condition for maximizing the O-containing functional
groups on AC was found to be at 60 °C, 3 h with 2.0 mol/L
concentration of APS solution. At this condtion, the concentration of
the O-containing functional groups in the AC can be increased to
25.9 mmol-O/g-A (or 18.1 umol-O/m?), which is higher than that of
the initial AC (PAC) by a factor of 4.2.

Characterization of O-containing functional groups. The
TPD-Mass was used to identify and quantify the various O-
containing functional groups in the AC samples. The deconvolution
of CO, and CO evolution profiles of the AC samples using a multiple
Gaussian function method is shown in Figure 1. The identified the
functional groups on the surface include carboxyl (SA, WA),
anhydride (CA), lactone (LD, LC), phenol (Ph), carbonyl (Cl) and
quinine (Qu) groups and the estimated concentrations corresponding
to each group are listed Table 2. It is clear that the oxidative
modification significantly increased the concentration of various O-
containing functional groups, especially phenol, weak acid carboxyl
and carboxyl anhydride groups, increasing by 2.07, 1.74 and 1.49
mmol/g, respectively.

Table 1. Physical and Chemical properties of AC samples

APS Seger Smes Swmic Total O
Sample
(mol/L) (m2/g) (m2/g) (m2/g) (mmol/g)

PAC 0 2311 1142 1168 6.2
P0.1-60-3 0.1 1671 751 921 9.2
P0.5-60-3 0.5 - - - 14.8
P1-60-3 1 - - - 213
P1.5-60-3 1.5 1096 337 759 243
P2-60-3 2 1433 538 896 25.9
P2-60-24 2 182 58 125 19.4
P2-25-3 2 1487 570 917 13.7
P2-90-3 2 1325 551 774 21.9
P2.5-60-3 25 848 313 535 24.0

Table 2. Results of the Deconvolution of the CO and CO,-Evoluion
Profiles of various AC samples.

Total Ph Cl Qu SA WA CA LD LC
0 o mmol/ mmol/ mmol/ mmol/ mmol/ mmol/ mmol/ mmol/
9 9 9 9 9 9 9 9
PAC 6.25 1.00 1.39 0.35 0.30 0.08 0.18 0.13 0.07
P4-60- 243
3h 5 3.07 21 1.27 0.99 1.82 1.67 0.41 0.1

Increas
18.1 2.07 0.72 0.92 0.69 1.74 1.49 0.28 0.03
e

Table 3. Adsorption Parameters for Quinoline over AC on the Basis
of Langmuir Isotherms

Qm Qnm K Equilibrium capacity
Carbon Seer(m?/g)
(mgN/g) (mgN/m2) glug (mg-N/g-A) at 50ppm
PAC 2311 13.4 0.0058 0.07 10.4
P4-60-3 1096 294 0.0268 0.68 28.6

Intensity X 10

trongly carboxylic acid (SA)
eakly carboxylic acid (WA)
Carboxylic anhydride (CA)

actones (LD and LC)

200 400 600 800 1000 1200

Temp (°C)
Figure 1. Deconvolution of (a) CO and (b) CO, profiles for P2-60-3
in comparison with PAC

Adsorption isotherms and Langmuir adsorption parameters.
Adsorption isotherms, as shown in Figure 2, were obtained by
mixing the adsorbent and the solution with different weight ratio in
the batch adsorption system at room temperature for 3 h. The ADN
capacity of P2-60-3 is significantly higher than that of PAC. At an
equilibrium concentration of 50 ppmw-N, the ADN capacity of P2-
60-3 is 28.6 mg-N/g-A, which is higher than that of PAC by a factor
of 2.8.

Further analysis of the adsorption isotherms shows that the
adsorption of quinoline on PAC and P2-60-3 obeys the Langmuir
adsorption isotherm:

Hogmt
g=—

1e8C: (1)

where C, and ¢ are the concentrations of nitrogen in the liquid phase
and adsorbed phase at equilibrium, respectively; K is the adsorption
equilibrium constant; g, is the maximum adsorption capacity of
nitrogen corresponding to the saturation coverage of the surface. The
linear regression between C,/q and C, was conducted to estimate the
parameter values of K and g, in the Langmuir adsorption equation.
The estimated parameters are listed in Table 3. Comparison of these
parameters for PAC and P2-60-3 indicates that the much high ADN
capacity of P2-60-3 than that of PAC is because the oxidative
modification increased the maximum density (Q,=¢,/S; S is the
surface area) of the adsorption sites on the surface by 4.6 times and
the adsorption equilibrium constant (K) by 9.7 times. The further
analysis and correlation of the TPD-Mass characterization data and
the measured adsorption parameters imply that the increase of the
adsorption sites can be ascribed to the increase in the O-containing
functional groups on AC, while the increase in the K value is due to
the increasing portion of acidic functional groups on the surface,
which enhances the adsorption affinity for the basic quinoline
molecules.
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Figure 2. Adsorption isotherms of PAC and P2-60-3 for quinoline at
room temperature

Conclusion

In order to increase the ADN capacity of AC, the amounts of O-
containing functional groups on the surface was enhanced by
oxidation using (NH4),S,0g as an oxidant. The best oxidation
condition for maximizing the O-containing functional groups on AC
was found to be at 60 °C, 3 h with 2.0 mol/L concentration of APS
solution. At this condition, concentration of the O-containing
functional groups on AC was increased from initial 6.2 mmol-O/g-A
(or 2.68 umol-O/m?) to 25.9 mmol-O/g-A (or 18.1 pmol-O/m?) by a
factor of 4.2. At an equilibrium concentration of 50 ppmw-N, the
ADN capacity of the AC after the oxidation increased to 28.6 mg-
N/g-A, which is higher than that of initial one by a factor of 2.8. The
further analysis and correlation of the concentration of the O-
containing functional groups and the measured adsorption parameters
imply that the increase of adsorption sites can be ascribed to the
increase in the O-containing functional groups on the AC, while the
increase in the K value is due to the increasing portion of acidic O-
containing functional groups on the surface, which enhances the
adsorption affinity for the basic quinoline molecules.
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1. Introduction:

Due to the increasing attentions on the environmental protection,
the specifications of ultra clean fuels becoming more and more strict
than before. Hydrotreating technique is an important choice to
produce high-quality ultra clean fuels, in which the catalyst play an
essential role in the removal of heteroatomic compounds from the
sulphureous feedstocks. It is paid more attention on the design and
development of novel hydrotreating catalyst, especially in the
synthesis of new kind of materials to be the support. Zeolite beta is a
typically porous zeolite with a three-dimensional large-pore
structure', which were always used in the industrial processes of
hydrocracking,  hydroisomerization,  alkylation and  other
petrochemical reactions. It also has the characteristics of suitable
acidity, higher hydro-isomerization and aromatization activity. The
conventional synthesis method of zeolite beta is hydrothermal
crystallization method at mild conditions, and others involve vapour-
phase transport method, steam-assisted crystallization method and
etc®™. In this paper, a micro/mesoporous zeolite beta was synthezed
by in-situ hydrothermal crystallization method using kaolin clay as
the unique sources of silica and alumina, and the synthesis fators
such as preparation conditions of kaolin clay, the ratios of H,O/SiO,,
the optimal temperature and crystallizaiton time were studied. Using
this composite material of Beta as a part of support, NiMo/Al,O;-
Beta catalyst was prepared and used in the HDS process of FCC
diesel feedstock to investigate its catalytic performance.

2. Experimental

Kaolin clay from Suzhou was calcined at 720 °C for 5 h to

obtain metakaolin at first, then it was pretreated with different kinds
of acids, i.e., H,SO,4, HCI and H;POg solutions at various condition
to remove the hydroxyl group and alumina radical. The acid
concentrations and the preparation conditions were optimized to
obtain a suitable SiO,/Al,05 ratio and the highest crystallinity. In the
synthesis process, a mixture solution of TEAOH and NaOH was used
to treat the metakaolin, and the formative mixtures are with different
molar ratios of Na,0:A1,0;:Si0,:TEAOH:H,0. Then the composite
solutions were put into a high-pressure oven to proceed the
crystallization under different temperatures and various times. The
final solid products of zeolite beta were filtered, washed, dried and

calcined at 550 °C for 6h.

Using the above micro/mesoporous Beta zeolites and Al,O; as
the supports, the NiMo catalysts were prepared by using series
impregnation and incipient-wetness impregnation method with an
aqueous solution of nickle nitrate and ammonia hepta-molybdate(10
m% MoOs3, 3.5 m% NiO).

Porosity and surface area of samples were analyzed on a
Micromeritics ASAP 2020 automated gas adsorption system. Powder
X-ray diffraction (XRD) patterns were collected with a XRD-6000

diffractometer using Cu Ka radiation under 40 kV, 30 mA, scan
range from 5 to 80° at a rate of 4°smin™".

HDS performances were evaluated in a high-pressure fixed-bed
micro-hydrotreater with diesel feestock(S content of 1300ppm), and
the HDS efficiency was calculated and compared with each other.

3. Results and discussion
3.1 Effects of acid leached conditions:

After calcined, Suzhou Kaolin was pretreated with different acid
solutions, i.e., H,SO,4, HCl and H;PO, at 90 °C for 3 h in order to

remove the hydroxyl group and alumina radical, the results are
shown in Figure 1. It is found that HCI pretreatment resulted in
higher SiO,/Al,0; ratios than other acids.

nswozlnMZOE
nSlOZ/nA\ZOJ

3 6 9 12 : A B

Acid Concentration Acid concentration
(A=3.2, B=6.5 mol/l)
Figure 2. The effect of acid concentration on the

SiO,/Al,O;ratio of acid-treated metakaolin

Figurel. The effect of acid type on the
Si0,/Al,O;ratio of acid-treated metakaolin

Using HCI as the acid resource to process the metakaolin, the
effects of acid concentrations on SiO,/Al,O5 ratio were researched as
shown in Figure 2, which indicate that the suitable conentrations of
HCl is 8.2 mol/L and the highest Si0,/Al,0; ratio reaches to 93.5.

Figure 3 gives the effects of preparation temperature on the
Si0,/Al, 05 ratio(with HCl of 8.2 mol/L), demonstrated that high
temperature favor to compose zeolite beta with higher SiO,/Al,0;
ratio.
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Figure 4. The effect of treating time on the

Si0,/Al,0; ratio of acid treated metakaolin

Acid treating temperature/’C

Figure 3. The effect of temperature on the
Si0,/Al,O; ratio of acid-treated metakaolin

Figure 4 gives the effects of acid treating time on the SiO,/Al,04
ratio(with HCI of 8.2 mol/L, at 96°C), and the results prove that the

acid treating time keeps at 3 h producing zeolite beta with
Si0,/Al,05 ratio of 90.

Based on the above analysis, the preparation conditions of acid
treatment should be controlled to obtain zeolite beta with a suitable
Si0,/Al,O; ratio. The optimal conditions to compose beta with
Si0,/Al1,0; ratio of 90 are with 8.2 mol/L HCI as the acid resource at
96°C for 3 h.

3.2 Effects of crystallization conditions

Figure 5 is the XRD analysis results of different beta samples
synthesized with different initial H,O/SiO, ratios. The results

indicate that the maximal relative crystallinity of samples is 98.3 as
the H,0O/SiO, ratio is 3.0.
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The effect of TEAOH addition on the relative crystallinity of
zeolite beta is shown in Figure 6, which testify the optimal
TEA/SiO, ratio to be 0.055.

Figure 7 is the relative crystallinity tendency of zeolite beta
derived from different Na,O/SiO, ratios. The data show that the
minimal alkaline amount required to fully dissolve acid-leached
metakaolin is expected to that amount with the Na,O/SiO, ratio of
0.05.
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Figure 7. Crystallinity of zeolite  obtained

Figure 8. XRD patterns of zeolite § obtained
from different Na,O/SiO, ratios

from different SiO,/Al,0; ratios in initial feed

The effect of crystallization temperature on the crystallinity of
beta is given in Figure 9, clarifing that the crystallinity reach a higher

ratio at 170 °C,

Figure 10 is the effects of crystallization time on the crystallinity
of beta. From Figure 10, the crystallization curve exhibits a typical S-
shaped trend indicated that the induction period is very short, and
after 16h the crystallinity becomes stable.
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Figure 9. Crystallinity of zeolite 3 obtained at
different crystallization temperatures

Figure 10. Crystallinity of zeolite  obtained
at different crystallization times

Table 1 lists the typical physicochemistry properties of zeolite
beta, the support and the relative catalyst.

Table 1. Typical physicochemistry properties

Spp/mig? Msl‘:?r“f)al::e pore - 1\/chr0p0§er1 Mesopore
areanig’ volume/m’g”  volume/m’g”  diameter/nm
Kaolin 285 0.0 0.30 0.05 3.7
zeolite beta 550.6 440.1 0.30 0.21 3.7
Beta/ALO;-16 237.0 210.3 0.29 0.18 4.4
Beta/ALOs-32 270.9 236.1 0.29 0.21 3.9

As shown in Table 1, the obtained beta zeolite has a higher
surface area, while the average pore diameter is ~3.7 nm. The
presence of mesopore maybe facilitate to the diffusion process of
reactant molecules into the internal metallic active sites on the
surface of catalyst and result in high hydrotreating activity.

Figure 11 exhibits the catalytic performance of supported
NiMo/Beta-Al,O5 catalysts. The HDS activities in Figure 11 show
that these NiMo/Beta-Al,O5 catalyst over the composite support of
the above synthesized beta with Al,O; have higher HDS efficiencies
and can produce high-quality low-sulfur diesel from sulfurious
feedstock(with S content of 1300ug/g). The S content in product is
lower to 20 ppm, which meets the S specification of ultra clean diesel
fuel in EU-IV regulation.
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Figure 11. HDS efficiencies of catalysts
4. Conclusion:

Using kaolin clay as the unique sources of silica and alumina,
through the optimization of the preparation conditions and the
modulation of crystallization parameters, zeolite beta with high
crytallinity and micro/mesoporous structure was synthezed by in-situ
hydrothermal crystallization method. The relative NiMo/Al,O3-Beta
catalyst performed good activities in the HDS process of diesel feed.
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Introduction

In recent years, the environmental constraints have
become increasingly more severe, impacting both the quality
and the maximum allowable amounts of impurities for
commercial on road fuels such as gasolines and diesels. For
example, in the European Union (EU), the current legislation
limits the total sulfur content to maximum 10 wt ppm[1,2].
Hence, refiners face the challenge of producing ultra-low
sulfur diesels (ULSD) by hydrotreating (HDT). Hydrotreating
is a process that uses hydrogen and a catalyst to remove
contaminants, primarily sulfur, nitrogen and metals from
crude oil streams.

The traditional y-AlLOs; supported NiMoS and
CoMoS catalysts are industrially used for the hydrotreating
of petroleum fractions. However, these catalysts are unable
to achieve deep HDS of alkyl-substituted dibenzothiophene
(DBT). Thus, improvement of these catalysts is of relevance
due stricter environmental regulations and the rather
refractory nature of sulfur present in small concentrations
(ppm range). In an attempt to develop improved
hydrotreating catalysts, different approaches for increasing
the catalytic activity of such catalysts have been explored [3-
5]. For instance, the use of mixed oxide supports[3], support
modification[4], and changing the catalytic precursors for the
active metal components [5], have been followed.

Recently, the discovery of mesoporous materials
such as MCM-41, SBA-15 and hexagonal mesoporous silica
(HMS) have received immense attention due to their
attractive properties such high surface area, large and
uniform cylindrical mesoporous channels and high thermal
stability. As compared to MCM-41 type of mesoporous
materials, HMS modified by heteroatoms such as Ti, Al, Zr,
etc., have proven to be efficient for the hydrodesulfurization
(HDS) of DBT [6]. Their larger pore size and much thicker
framework wall than MCM-41 and other desirable textural
properties enhance relatively easier access of reactant
molecules into its pores; thus, increasing the rate of
hydrotreating reactions. Due to their redox character and
strong Bronsted acidity, heteropolyacids of Keggin-type
structure have been used as catalysts for acid-catalyzed
reactions [7]. Precursors of heteropolyacids of molybdenum
or tungsten have been used as active components for
supported catalysts and applied in the HDS of thiophene [8].
For instance, Kostova et al. [9], deposited HPMo on Al-
MCM-41 support and used as a catalyst to study the HDS of
thiophene.

In this study, hydrotreating capabilities of HMS and
Ti-containing HMS of different Si/Ti atomic ratios using real
feed (CLGO) is discussed. These were used as supports for
the preparation of series NiPMo catalysts. The catalysts and
supports were characterized by N, adsorption-desorption

isotherms, XRD, FT-IR, Raman, TEM, SEM, H,-TPR.
Activity studies were conducted by screening the catalysts
using coker light gas oil derived from Athabasca bitumen.
For comparison purposes, the conventional NiMo/y-Al,Os
and NiMo/HMS catalyst were also screened at the same
operating conditions.

[Corresponding author. Tel.: +1 306 966 4771; fax: +1 306 966 4777.
E-mail address: ajay.dalai@usask.ca (A.K. Dalai).

Experimental

The HMS material was synthesized by using neutral
S°I° templating route, proposed by Tanev and co-workers
[10,11]. The Ti-HMS material was prepared by using the
procedure described by Gotier and Tuel [12] using
Dodecylamine as surfactant, TEOS as silica source and
Titanium butoxide as Ti source. The reaction mixture was
slightly modified by using mesitylene as swelling agent.
Prior to filtration of products, the reaction mixture was aged
for 24 h under stirring. The reaction products were then
recovered, washed with distilled water and dried at room
temperature overnight; followed by drying at 120 °C for 2 h.
Samples were then calcined in air at 550 °C for 5 h at a
heating rate of 2 °C/min.

Results and Discussion

The presence of a low angle diffraction peaks and a
high surface area demonstrates that the materials prepared by
the neutral template route have a mesoporous crystalline
structure. The low angle X-ray diffraction of HMS materials
showed an intensive reflection first-order peak at small
angles that is characteristic of HMS material. This single low
angle peak indicated that HMS displayed a short range
hexagonal symmetry with uniform pore diameter. The
calcined NiPMo/Ti-HMS (20) sample also showed a single
first-order peak but the higher order diffraction peaks was not
seen as observed in HMS support, confirming the
preservation of the hexagonal structure with lack of long-
range order. The lack of higher order of the reflections
corresponds to the small size of the scattering domain.

N, physisorption data show that the MPA-based
catalysts have good textural properties and less pore blockage
on the entrances of the mesopores compared to the traditional
catalysts (Table 1). The Transmission electron microscopy
image provides insights into the porous framework of Ti-
HMS and NiPMo/Ti-HMS materials. Typical wormhole-like
pores of Ti-HMS materials with network channels and
uniform pore sizes exist in all samples; although long range
ordering was absent, which was also confirmed by low angle
XRD patterns.

Table 1 Physical properties of HMS, NiMo/HMS, Ti-HMS and NiPMo/Ti-
HMS with different Si/Ti ratios determined from N, sorption and XRD

IR and Raman spectra of oxide catalysts indicate
that the characteristic Keggin structure of the HPMo
precursors was preserved during the impregnation of Ti-HMS
and subsequent drying and calcination steps. The TPR profile
of HPMo/Ti-HMS sample displays only one well-defined
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peak at 508°C which can be assigned to the first reduction
step of octahedrally coordinated Mo®" in polymolybdate
structure. It can be observed that the use of HsPMo01,O4 as
catalytic precursor provides a more homogeneous
distribution of octahedral Mo species on the support
compared to NiMo/HMS. Ni addition to HPMo/Ti-HMS
catalyst leads to a decrease in the reduction temperatures of
molybdenum species. DRIFT spectroscopy of CO adsorption
shows that the intensity of band for NiMoS sites increased
steadily when the Si/Ti ratio decreases from 80 to 20. It
clearly indicates that while increasing the Ti content in the
framework of HMS the number of promoted MoS, sites is
increased accordingly.

The catalytic activity data was obtained after the
catalysts stabilization. The catalysts were stabilized by
precoking using CLGO at the temperature, pressure, LHSV
and H,/feed ratio of 370 °C, 8.8 MPa, 2 h"' and 600 ml/ml,
respectively for 5 days. The catalyst stabilization curve of all
the NiMo/y-Al,O;, NiMo/HMS and NiPMo/Ti-HMS catalysts
in terms of N and S conversions, are shown in figurel. . The
initial high wvalue in HDN and HDS activities of these
catalysts shows that there is high number of active sites at
initial stage of hydrotreating. The N and S conversions of
CLGO catalysts decreases with time on stream and reached
steady state after 3 days, probably due to coking of the most
acidic sites. On the contrary, N and S conversion over the
catalyst with lower acidity (NiMo/y-Al,Os) is relatively
stable.

Figurel. HDS (w) and HDN (A) activities of HMS, Ti-HMS and y-ALOs
supported catalysts during pre-coking with CLGO at 375°C (catalyst = 5 cm?,
P = 8.8 MPa, LHSV = 2 h'! and H/oil ratio = 600 (v/v)).

The HPA loaded catalysts shows higher catalytic
activities compared to reference catalysts under similar
reaction conditions. The N-S conversion confirm the
following order of activity: NiPMo/Ti-HMS(20) >
NiPMo/Ti-HMS(40) > NiPMo/Ti-HMS(80) > NiMo/ HMS >
NiMo/y-Al,Os. When the reaction temperature is low (330
and 350°C), the better performance of NiPMo/Ti-HMS
catalyst over NiMo/y-Al,O; is clearly visible. But at higher
temperature (375°C) the activities of both y-Al:O; and Ti-
HMS based catalysts are almost equal. It may be due to the
attainment of maximum activity of catalyst at higher
temperature.
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Introduction

There is considerable worldwide interest in developing technologies
for converting lignocellulosic biomass into transportation fuels as a
way to reduce dependence on foreign oil and reduce fossil green
house gas emissions. The DOE has estimated that 1 Billion tons per
year of biomass'” is available for conversion in the United States. If
all of that U.S. biomass was converted to liquid fuels, a large portion
of imported crude used to make transportation fuels could be
eliminated, as shown in Figure 1.

Potential For U.S. Fuels from
Lignocellulosic Feed

MMBPD
14

12
10

H domestic

foreign

o N B O
I

Transportation Potentialfrom Potential from
Fuels Vegetable Oil LignoCellulosic

Figure 1. Potential for US Fuel Production from Lignocellulosic
Biomass.

Fast pyrolysis®®® has long been advocated as a method
for converting lignocellulosic biomass to liquids which could then be
combusted to make electricity or be transported to oil refineries for
processing into fungible fuels. However, fast pyrolysis oil possesses
many undesirable properties including a high total acid number (TAN
~200), low heating value (~6560 BTU/Ib), high oxygen content
(~40%), chemical instability, high water content (20%) and
incompatibility with petroleum fractions. Its inherently low energy
density makes pyrolysis oil expensive to transport and the high TAN
makes it metallurgically incompatible with conventional transport
vessels and refinery hydroconversion equipment, both of which are
designed for feeds with TAN<2. In addition to these undesirable
properties, pyrolysis oil is not miscible with petroleum fractions and
if added into existing refinery equipment (hydrotreaters or
hydrocrackers) will require a separate pyrolysis-oil feed system.
Thus, pyrolysis oil is chemically far from a crude oil replacement.

Upgrading pyrolysis 0il®®? through hydroconversion has
been demonstrated in pilot testing but is carried out at low space
velocities (0.1-0.2 LHSV), high pressures (1500-2500psig) with
short run times. Finally, pyrolysis oils upgraded to remove oxygen
and make gasoline and diesel typically requires an additional 3-5 wt.
% hydrogen, on a pyrolysis oil feed basis. Indeed, the conditions

required for upgrading pyrolysis oil make it similar in cost to
upgrading petroleum resid. When pyrolysis oil is upgraded to remove
the oxygen, the finished hydrocarbon yield is 26-30% of the starting
biomass”

A better approach for biomass conversion is the integrated
hydropyrolysis and hydroconversion (IH?) of biomass to directly
produce fungible gasoline and diesel fuel or blending components.
IH? is carried out in two integrated stages, as shown in Figure 2. The
first stage is a medium pressure, catalytically-assisted, fast
hydropyrolysis step completed in a fluid bed under moderate
hydrogen pressure of 200-500psi. Vapors from the first stage pass
directly to a second stage hydroconversion step where a
hydrodeoxygenation catalyst removes all remaining oxygen and
produces gasoline and diesel boiling range material. All the process
steps are completed at essentially the same pressure (except for
pressure drop across the equipment) so that compression costs are
minimized. A unique feature of this process is that all the hydrogen
required for the IH? process is produced by reforming the C,-C,
hydrocarbons so no additional hydrogen is required. Initial economic
analysis suggests that the IH? process reduces handling,
transportation, processing, and has about the same capital costs as
pyrolysis alone, making it a much more attractive approach.

Char
Hydroconversion

Gas

Hydropyrolysis

Refarmer

Biomass

—————— Gasoline + Diese

0

Figure 2. IH? system schematic, showing overall process flow.

Experimental

Analyses of the feedstocks used for the IH? experiments are
shown in Table 1. These two biomass feeds are quite different in
chemical composition and were chosen to exhibit the versatility of
the TH? process.

IH? proof-of-concept testing was carried out in a
pressurized fluid bed hydropyrolysis first stage that incorporated an
internal char filter (2 micrometer pore size) followed by a fixed bed
integrated hydroconversion second stage. An existing small-scale
GTI gasifier was reconfigured for use in the hydropyrolysis R&D
effort. A key modification was the addition of a hydroconversion
reactor used as a fixed catalyst bed located directly downstream of
the hydropyrolysis unit and process filter. Figure 3 shows the IH?
pilot scale system.

Three different first stage hydropyrolysis catalysts have
been tested. Hydropyrolysis catalyst choice was found to significantly
affect the IH” product yield and quality, including relative amounts of
gasoline and diesel that were produced.
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Table 1- Analyses of Wood and Lemna Derived Feedstocks

Table 2 - IH? Experimental Yields* -MAF

Component Wood Lemna (Minor
Duckweed)

% C4+ Liquid Yields 23-30 23-30
% Oxygen in Liquid <1 <1

TAN in Liquid <1 <1

% gasoline boiling range in liquid 53-75 55-72
% Diesel boiling range in Liquid 25-47 28-45
% Char 7-14 3-15
%COx 13-23 12-20
%C,-C; 8-14 4-16
% Water 31-35 30-40

Component Wood Lemna (Minor Duckweed)

%C 49.7 46.3
%H 5.9 5.8
%0 (by difference) 43.0 35.7
%N 0.22 3.7
%S 0.07 0.3
%ash 1.1 8.2
% Cellulose 40 -

% Hemicellulose 32 -

% Lignin 28 -

% Carbohydrate - 52.2
% protein - 28.7
% lipid - 1.0
% fiber - 8.0

Vent

Hydro
Pyrolysis

Hydroconversion

Solids

Sample
Cylindsr

2" diamef
“Fluid

K., Pol

Figure 3. The GTI IH? proof-of-concept unit.

The catalyst used in the second stage fixed bed
hydroconversion reactor was a sulfided CRI/Criterion Inc. CoMo
catalyst. The CRI/Criterion Inc. catalyst worked well to deoxygenate
the hydropyrolysis vapors and showed no sign of deactivation across
all the testing.

Several encouraging experimental observations should be
noted. Significantly, no increase in pressure drop was observed
across the system filter as IH? testing progressed, suggesting that the
fully hydrogenated product is a nonreactive component in the process
exhaust. In tests of conventional fast pyrolysis of wood, a significant
increase in filter pressure drop occurred during similar test periods.
This shows the excellent chemical stability of the hydropyrolysis
product compared to typical fast pyrolysis products (oils). The char
and catalyst recovered after the experiment remain finely divided
without the presence of agglomerates of char and bed material. Also,
recovered water and liquid hydrocarbons form distinct separate
phases and the hydrocarbon liquids produced by the IH? process are
miscible with petroleum-based fuels.

Results and Discussion:

Data resulting from the IH? process development work are
presented in Table 2 over a range of conditions. These data show that
good yields of negligibly low oxygen content, light hydrocarbon
product is produced from the IH? process and the proper amount of
C;-C; light ends is produced which can be reformed to produce all
the H, required by the process to complete hydrogenation.

* As process conditions are varied; MAF — Moisture and Ash Free

The product quality of IH? liquid is consistently good, with
low TAN, and low oxygen content as shown in Table 3. The liquid
from a lemna feed does contain more nitrogen because higher
nitrogen is present in the feed biomass. With further process
optimization it should be possible to reduce nitrogen in liquids from
high nitrogen biomass just by operating under more severe process
conditions and switching to a NiMo catalyst in the second stage.

Table 3 — Typical Product Quality of IH2 C4+ Liquid

Component Wood Lemna (Minor
Duckweed)

%0xygen <0.3 <.5
%Carbon 88.27 84.62
%Hydrogen 11.86 13.70
%Sulfur 0.006 0.005
%Nitrogen 0.05 1.23
TAN 0.4 0.2

H/C 1.61 1.94
Density, gm/cm’ 0.84 0.77

The water analysis is shown in Table 4. The water produced
by the IH? process varies with feed biomass. The wood feed produced
water with low carbon contamination which should simplify cleanup
and reuse. Although further testing is required, it is expected that
after cleanup, the water from the wood process can be recycled to the
reformer, making the process completely self sufficient in water as
well as in hydrogen. Water from the lemna feed is rich in ammonia
which may best be recycled back to the lemna ponds as fertilizer.

Table 4 —Typical Analysis of Water from [H?

Component Wood Feed Lemna Feed
% Carbon <1 4-5

PH 9 11

%Nitrogen 0.1 5-6 ( mostly NH;)
Y%Sulfur 0.03 Not measured

The analysis of the C;-C; gas produced from IH? is shown
in Table 5. The gases produced are saturated and no olefins are
detected.

Table 5-Typical C,-C; Analysis-Wt%, Normalized

Component Wood Feed Lemna Feed
Methane 33.1 27.7
Ethane 38.2 36.9
Propane 28.7 35.2
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Effect of Process Variables: Testing has just begun to define the
effect of process variables in the IH? process and some key trends
have already been identified. Raising temperature in the first stage
hydropyrolysis, decreases char and increases C,-C; hydrocarbon gas
as is shown in Figures 4 and 5.

% Char %Char vs Hydropyrolysis Temperature

25

20 *

15

*
*
10

Temperature

Figure 4 - % Char versus Hydropyrolysis Temperature

% C1-C3 HC Gas vs Hydropyrolysis Temperature
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Figure 5 -%C;-C; Hydrocarbon gas vs Hydropyrolysis Temperature

Life Cycle Analysis. A life-cycle analysis (LCA) of the
integrated hydropyrolysis and hydroconversion process for wood was
completed by Professor Shonnard based on the proof of principle
results®. Professor Shonnard is Deputy Director of Sustainable
Futures Institute, author of a widely used LCA text book, “Green
Engineering: Environmentally Conscious Design of Chemical
Processes,” ® and expert in LCA analysis. This analysis reveals the
TH? process has the potential to reduce greenhouse gas emissions by
over 90%, for fuels made by this process, as shown in Figure 6.
Figure 6 compares the IH? technology to other published LCA!?
from other technology approaches.

Hydropyrolysis+Hydroconversion
Butanol

Pyrolysis plus Upgrading B max

B min
Gasification +FT

Gasification +MTG

0 20 40 60 80 100

Figure 6-Comparison of % Greenhouse Gas Reduction for different
technology approaches (with gasoline from petroleum as a basis).

Conclusions:

The Gas Technology Institute (GTI) has completed initial
pilot plant testing which has identified a significant, new, attractive
approach for converting lignocellulosic and aquatic biomass directly
to fungible gasoline and diesel fuels. Additional work is needed to
fully demonstrate and commercialize the process. More process
variable work is planned and catalyst life testing is required before
commercialization can occur.
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Abstract

To comply with the recent implementation of Ultra Low Sulfur
Diesel (ULSD, Product S <10 wppm) requirements in North
America and Europe, refiners have opted to either revamp existing
diesel hydrotreaters, build grass-roots units, or modify unit feed
properties. Many older, lower pressure (500 — 850 psig) units were
revamped by adding reactor volume in order to increase residence
time and facilitate the conversion of the refractory feed sulfur
molecules. Grass-roots ULSD units tend to be designed for much
higher operating pressure (1100+ psig).

In the past, typical operating condition requirements for
hydrotreating diesel streams yielded satisfactory run lengths and
basic bulk properties were sufficient to predict the performance of
the catalyst. Commercial run lengths are shorter for ULSD
production because the operating conditions required for ULSD are
more severe. It has been found in commercial units that some
combinations of feed properties and operating conditions lead to
unexpected accelerated deactivation rates. These rates cannot be
predicted simply by the traditional monitoring parameters and feed
bulk properties used in the refining industry and are not typically due
to catalyst poisons.

The conditions and mechanism for the accelerated deactivation rates
have been identified by observation and evaluation of different
commercial operations. Operations where co-processing of coker
naphtha, heavy cat naphtha and kerosene at low operating pressure
are especially prone to accelerated deactivation even though the
desulfurization of the sulfur components in these lighter streams
requires less energy. In ULSD operations accelerated deactivation
rates are attributed to excessive vaporization of the hydrocarbon feed
at high temperatures (end-of-cycle) leading to operation outside of
the trickle bed regime and reduced hydrogen partial pressure.
Operating outside the trickle bed regime adversely affects physical
parameters such as catalyst wetting and liquid distribution. High
amounts of vaporization (> 80 wt%) result in reduced hydrogen
partial pressure and long residence times for heavy aromatic
molecules. These factors lead to an operating environment
conducive for coke formation and catalyst deactivation. The effects
of vaporization, due to chemical properties of feed components and
physical phenomena in the reactor at high operating temperature, of a
specific commercial low pressure (~ 500 psig) ULSD unit causing
the acceleration of catalyst deactivation at end-of-cycle are
discussed.

Introduction.

One of the important treating processes in oil refining is
hydrodesulfurization (HDS). In HDS the removal of sulfur in oil is
accomplished catalytically in the presence of hydrogen and solid
catalyst. Due to the negative impact of sulfur compounds on the
environment the severity of this common process has been increased
to reduce diesel product sulfur concentrations to ultra-local-sulfur
diesel (ULSD — S < 15 wppm). This specification is practically the
standard in the OECD countries and an increasing number of
countries in the developing world are following suit. To comply with

the recent implementation of ULSD) requirements in North America
and Europe, most refiners have opted to either revamp existing diesel
hydrotreaters, build new grass root units, or modify unit feed
properties.

Discussion.
Background

The need for debottlenecking of existing units to meet stricter diesel
and other fuel sulfur specifications is directly related to the chemical
properties of the sulfur compounds that have to be removed. The
order of difficulty increases as follows aliphatic < cyclic (naphthenic)
< aromatic sulfur compounds. The concentration of the respective
types of molecules increases with increasing final boiling point of the
different oil fractions to be treated, i.e. kerosene, diesel, etc. A
typical diesel stream contains disulfides, thiophenes,
benzothiophenes, and dibenzothiophenes., all of which can be
substituted with alkyl groups. The relative reactivity of these
different species correlates with their boiling points as illustrated in
Figure 1.

Typical Distillate Sulphur Species: Relative Reactivity

Residual Sp level/ppmw 1000-500 500-300 300-50 <50

N Thiophenes
Sult[des OJ-/\CZ 3 Benzothiophenes

T l
— B )
=t

I A (BN | | 1 |

230 430 630 645 660 680
Boiling Point °F)

Nitrogen Inhibition Effects

Dibenzothiophenes

Relative Reaction Rate

Shbstituted Dibenzothiophenes —
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Figure 1. Reactivity and Boiling Point Properties of Typical
Distillate Sulfur Species.

From Figure 1 it can be seen that only substituted dibenzothiophenes
(DBT) and heavier remained in the product when producing 500
wppm sulfur diesel. It is important to note that the relative reactivity
of the distillate stream depends on the composition of the stream. In
refineries with cracking processes installed such as fluid catalytic
cracking units (FCCUs) and delayed coking units (DCUSs), it is
necessary to treat refractory distillate streams such as FCCU Light
Cycle Oil (LCO) and DCU coker distillate. Both of these stream are
high in nitrogen and olefin contents. LCO is very aromatic (70 —
90+%). The high olefin contents of these streams make them very
reactive and result in high lead bed AT’s. In cracked streams the
concentration of substituted DBT and heavier sulfur molecules
increases dramatically. In all diesel streams, the concentration of
sterically hindered DBT species increases with increasing endpoint
(EP). As can be seen from Figure 2 substitution in the 4 and 6
position of the DBT molecules dramatically reduces the reactivity of
these molecules. Increasing the size of the moieties adjacent to the
sulfur atom reduces the reactivity, further indicating that steric
hindrance affects the sulfur removal process. The lower relative
reactivities of the heavier sulfur molecules requires longer residence
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times and/or higher H, pressures. It is well established that sulfur
removal from DBT molecules involves two competing mechanistic
pathways: a) a direct desulfurization pathway (DDS) and b) an
indirect pathway (HYD) where (partial) hydrogenation of the DBT
molecule precedes the actual hydrogenolysis step (1-4).

g

100

3
g

12

Figure 2. Relative Rates of Desulfurization for Substituted
Dibenzothiophene Species.

When processing a typical feed containing 1 wt% sulfur , the
production of 5000 wppm sulfur in the product corresponds to a
conversion of 50 wt%. Production of distillate containing 500 wppm
sulfur (low sulfur diesel - LSD) requires 95% conversion, and finally
15 wppm sulfur (ULSD) in the product corresponds to 99.85 %
conversion. From Figure 1 it can be seen that with increasing HDS
the sulfur species remaining in the oil are the more difficult to
convert sulfur (sterically hindered DBT) molecules remain in the oil.

Many older, mostly lower pressure (400 — 650 psig) units were
revamped by adding reactor volume in order to increase residence
time and facilitate the conversion of the refractory (substituted) DBT
feed sulfur molecules. New grass roots units tend to be designed for
much higher operating pressure (1100+ psig).

Typically, deactivation rates are monitored by referencing the actual
operating conditions to a reference case that takes into account sulfur
concentration in the feed and product as well as the space velocity.
Sometimes the equations used in this data normalization process
include terms to allow for correction for H, purity, specific feed
properties (such as feed nitrogen or T-98) and other factors that may
affect the reaction rate.

Commercial run lengths are generally shorter for ULSD production
than LSD production because the operating conditions required for
ULSD production are more severe. In the past, typical operating
condition requirements for hydrotreating diesel streams yielded
satisfactory run lengths (i.e. low deactivation rates) and basic bulk
properties were sufficient to predict the performance of the catalyst.
However, in ULSD operations, it has been found in some commercial
units that certain combinations of feed properties and operating
conditions lead to unexpected accelerated deactivation rates. These
rates cannot be accurately predicted by the traditional monitoring
parameters (i.e. bulk sulfur content and space velocity) and are not
typically due to catalyst poisons.

Conventional distillate hydrotreating units have been designed to
operate as trickle bed phase. A Trickle Bed Reactor (TBR) is a three
phase reactor where the catalyst pellet is covered with a film of oil
and the gas phase flows concurrently with the oil, usually in down
flow operation. Operation of a TBR outside the trickle bed regime of
operation can result in poor feed distribution and, as we shall discuss
in this paper, accelerated rates of deactivation. Deviation from
trickle bed flow because of feed properties or operating conditions
can be a major ULSD unit limitation.

There are several kinetic limitations of low pressure ULSD
production. One is a limitation based on the two possible
mechanistic routes in the conversion of DBT molecules: 1) the
direct desulfurization mode (DDS route) and 2) the indirect route
that requires partial hydrogenation of the DBT molecule before
hydrogenolysis occurs (HYD route). The two routes are summarized
(5) in Figure 3.

DMDBT TH-DMDBT HH-DMDBT DH-DMDBT
0.034 0.3 0.04
» — -
Q“Q QSQ 23 C}SQ QNQ
%u.um \n_ 10 /um * 135
DM-BP DM-CHB DM-BCH

Figure 3. Mechanism of 4,6 Dimethyl Dibenzothiophene HDS and
Relative Reaction Rates.

In this work, the different reaction intermediates show above were
synthesized: tetrahydro dimethyldibenzothiophene (TH-DMBT),
hexahydro DMBT (HH-DMBT) and dodecahydro DMBT (DH-
DMBT). The DDS route is considered to be the direct conversion of
4,6-DMDBT (DMDBT) to dimethyl biphenyl (DM-BP). All other
reactions are part of the HYD route and lead mainly to dimethyl
cyclohexylbenzene (DM-CHB) and dimethyl bicyclohexane (DM-
BCH). Two important conclusions can be drawn from this work: 1)
the hydrogenolysis reaction of the HYD pathway is ~2 orders of
magnitude faster than the DDS route and 2) the hydrogenolysis of
4,6-DMDBT is irreversible and, therefore, not equilibrium
constrained. This indicates that it is in principal possible to remove
all sulfur by kinetic control. However, other authors (6) have
indicated the presence of a “sulfur floor”, indicating a certain
mechanistic limitation which defines the maximum HDS capability
of the process. The “sulfur floor” cannot be explained by the
proposed mechanisms. It was found that when treating TH-DMDBT
at elevated temperatures only traces of DM-BP were detected,
indicating that the DDS route is indeed very unlikely to take place
under the experimental conditions.

We have been able to demonstrate the influence of reaction
temperature on the rate of HYD pathway in commercial units.
Reducing the operating temperature in the lag bed of Unit A below
the operating temperature in the lead bed observably increases the
HDS and HDN in the lag bed. This could be due to the changes in
equilibrium constants at different temperatures and reactor conditions
that favor the overall HDS and HDN rate.

It is well known that nitrogen molecules inhibit the HDS reaction.
Nitrogen molecules are generally believed to undergo HDN through
a hydrogenation mechanistic route similar to the ULSD HDS
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mechanism. The hydrogenolysis of partially saturated intermediate
nitrogen species is more difficult than the analogous partially
saturated sulfur species. Assuming HDN of a DMBT analog, such as
carbazole, undergoes a similar hydrogenation pathway as described
in Figure 3, the reaction rates will be significantly lower. The net
result of the presence of nitrogen is to increase process severity
requirements.

Commercial Experience

The catalyst deactivation rates under TBR conditions for straight run
distillate (SRD) processing are typically on the order 1-2 °F/month.
However, in commercial units we have observed deactivation rates of
5-6 °F/month with feed blends containing coker naphtha, kerosene,
and heavy cat naphtha (HCN) that are considerably lighter than SRD.
This is counter intuitive because sulfur and nitrogen concentrations
are reduced and “easier” sulfur and nitrogen molecules are being
added to the feed blend via the light feed streams. However, an
investigation of the performance of a commercial unit (Unit A -- two
reactors in series with inter-reactor quench) reveals a strong
correlation with the endpoint (EP) of the SRD, rather than total feed
blend bulk sulfur or other bulk feed properties, and the severity
required to obtain the desired HDS. Commonly used monitoring
equations do not differentiate between the type of sulfur. They
simply lump all sulfur as being equal. Further, these monitoring
equations do not account for feed stream boiling properties and their
effect on vaporization. Therefore, conventional unit
monitoring/normalization equations and methods do not explain the
accelerated deactivation rate. In Unit A, the only way to reduce the
deactivation rate was to reduce SRD EP. This indicates that
concentration of DMDBT molecules can exceed the process
capability of Unit A to process the feed blend and obtain the desired
catalyst cycle length. The progress of typical Unit A performance
parameters is shown in Figure 4. In this graph the maximum
measured bed temperature (Tmax), the weighted average bed
temperature (WABT), the 98% distillation point (T98) of the total
feed, and the liquid hourly space velocity (LHSV) are plotted
simultaneously to show the correlation between these four
parameters. From this commercial example it is seen that the feed
T98 correlates well with temperature requirements and space velocity
requirements until ~ 290 days on stream. After this point the WABT
requirement to maintain product sulfur specification increases
sharply, even with reductions in feed T98 and LHSV.

°F

LHSV

Days on stream

Poly.(Tmax) = Poly.(WABT) Poly.(T98) ——Poly.(LHSV)

Figure 4. Operating Parameters in Commercial Unit A.

From a mechanistic point of view increasing temperature when under
kinetic control should increase the reaction rate. Kinetic behavior is
observed at start-of-run where AT increases with increasing WABT.
However, at end-of-run conditions the lag reactor AT is negative.
This is due to the dehydrogenation of the non-heterocyclic aromatic
molecules in the feed, which are subject to thermodynamic
limitations and are present in far greater concentrations (~ 20-25
vol%) than heterocyclic aromatic molecules.

When the impact of catalyst poisons can be neglected, it becomes
necessary to evaluate the different hydrotreating reactions to explain
catalyst deactivation. It is known that coke formation during
hydroprocessing is a major contributor to catalyst deactivation. Coke
formation is an inevitable side reaction that is suppressed by
maintaining the unit hydrogen partial pressure (ppH,) with proper
minimum H,/oil ratio. It is known that the heavier end of the
distillate fraction contains increasing amounts of polynuclear
aromatic (PNA) compounds which are known to form coke by
condensation reactions. At low operating pressure (400 — 650 psig)
and typical treat gas circulation rates(> 1000 SCFB), temperature
changes play a significant role in the ratio of the vapor/liquid (V/L)
equilibrium.

In Figure 5 the percent hydrocarbon feed vaporization and the Ty,
are plotted for the commercial unit discussed in this paper (Unit A).
From these data it is seen that within the first 3 months ~ 80% feed
vaporization was reached.
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Figure 5. Percent Feed Vaporization vs. Maximum Reactor
Temperature in Commercial Unit A

Hydrotreating is generally an overall exothermic process with the
temperature being increased periodically to compensate for the
inevitable deactivation of the catalyst caused by coke formation on
the catalyst surface. In the case of Unit A co-processing of low-
boiling coker naphtha causes a significant temperature increase in the
top part of the reactor and increases the vapor fraction inside the
reactor. The increase of hydrocarbon vaporization has several
effects: a) it dilutes the H, vapor, which reduces the ppH,, b) it
decreases the liquid hourly space velocity (LHSV) of the oil and the
liquid mass flux, c) it increases the concentration of the heavier
molecules in the oil , d) it increases the concentration of sulfur
molecules in the vapor phase, and e) it increases the vapor/gas space
velocity. The general consequence of all the above factors is an
increased processing severity requirement to effect the desired
reactions (HDS, HDN, etc.) and increased catalyst coking.
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The effect of vaporization of oil in hydrotreating units has been
studied for vacuum gas oil and it was shown that coking increased
with increasing oil vaporization until dropping drastically upon
complete vaporization (7). The explanation of this behavior is the
progressive concentration of heavy PNA molecules in the oil with
increasing vaporization until they themselves are completely
vaporized and their resulting short residence time in the gas phase
limits their ability to form coke. We believe that this model can be
applied to observations described in this paper, because only since
the introduction of stricter sulfur specifications and the need to
remove more refractory sulfur compounds has it become necessary to
apply higher operating temperatures at an earlier stage in the catalyst
cycle.

The coke deposit data were collected for the low pressure unit in
question (Unit A) and are plotted in Figure 6. The coke deposit
increases with the increase in average bed temperature. This is
visible in the lead reactor where the vaporization takes place and
according to flash calculations eventually complete vaporization is
achieved.

Low Pressure ULSD Unit A
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Figure 6. Coke Deposit in Low Pressure ULSD Unit A.

The yellow area with diagonal lines corresponds to the lead reactor
and the grey area to the lag reactor. It was found in this particular
unit that at start of run (SOR) conditions vaporization at the reactor
inlet was about 70% at a WABT of 675 °F and complete vaporization
occurred at a WABT of 700 °F. The expected EOR WABT is 720
°F, implying that temperatures corresponding to complete
vaporization are reached well in advance of EOR conditions.
Assuming that the outer surface area of the catalyst particle makes up
about 5% of the total surface area it can be inferred from the quantity
of coke found on the non-regenerated catalyst, that most carbon
deposits on the outer surface of the catalyst leading to pore mouth
plugging. This makes the interior of the catalyst less accessible to
the reactants. The coke characteristics were not analyzed in detail
and no information could be obtained about when the coke was
deposited, but based on the above hypothesis it is likely that coke
deposits initially at the bottom of the reactor and then progressively
deposits more towards the inlet of the reactor as temperature and
extent of vaporization increase. Evaluations of coke deposits in other
low pressure units have yielded similar coke deposit profiles. In low
pressure ULSD units with unexpected short cycle lengths it was
shown that complete vaporization was reached early in the cycle.

To illustrate the effect of maintaining TBR conditions on coke
formation, Figure 7 shows the coke profile in a VGO unit where
excessive vaporization does not occur and coke deposits increase
parallel to temperature increase.
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Figure 7. Carbon Deposition in Commercial VGO Unit.

The effect of excessive vaporization may cause the reaction to take
place outside the TBR window. Consequently, liquid mass flux is
reduced to levels that may cause maldistribution and may drop to
levels too low to maintain a film of oil on every catalyst particle.
This reduces oil/catalyst contacting efficiency and uniformity and
essentially breaks down the fundamental conditions of the TBR
process.

The effect of inhibitors, such as nitrogen compounds, H,S, and PNA
molecules, on the HDS process, has not been discussed here. The
presence of inhibitors will naturally increase the severity
(temperature) requirements of the HDS reaction (8). Higher severity
requirements will increase the impact of vaporization effects and
coking on the catalyst. Feed selection to manage inhibitor
concentrations is a critical aspect of catalyst cycle management for
low pressure ULSD units.

Conclusion.

From the observations of commercial low pressure distillate
hydrotreating units described in this paper it is clear that the higher
processing severity requirements resulting from ULSD sulfur
specifications have impacted the hydrotreating process. Higher
temperature requirements increase coking reactions. Higher
temperature requirements also increase oil vaporization which
accelerates coking. This greater potential for coking makes it
necessary to determine the process capability of each unit and
catalyst system design to avoid unrealistic stability projections and
expectations The departure from linear deactivation near the EOR in
diesel hydrotreating is highly likely due to the physical changes
(higher oil vaporization, reduced oil/catalyst contacting) discussed in
this paper. These effects are not attributable to the catalyst quality,
but to the feed composition and the corresponding severity required
to produce ULSD. Therefore, it becomes essential to evaluate and
determine the process capabilities of a particular unit to process
certain feeds. ULSD catalyst system and unit designs must take V/L
behavior and effects in consideration because they play an important
role in the catalyst deactivation from coking reactions in
hydrotreating.
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Abstract

Catalyst systems can be designed for commercial Ultra Low
Sulfur Diesel (ULSD) hydroprocessing units that maximize catalyst
activity while controlling H, consumption to remain within unit H,
constraints.  Catalyst systems utilizing CoMo/Al,O; (CoMo) and
NiMo/Al,O; (NiMo) catalysts in various proportions and in various
configurations (stacked beds and “sandwich” beds) can yield
synergistic benefits in ULSD production. These benefits can be
utilized to process more ULSD feed, process more difficult ULSD
feeds, or extend cycle life.

Pilot plant data are shown comparing the ULSD
hydrodesulfurization (HDS) activities and H, consumptions for
individual CoMo and NiMo catalysts to various CoMo/NiMo catalyst
systems. Both a Type II CoMo (CoMo A) catalyst and a
conventional CoMo (CoMo B) catalyst were used in this study. The
NiMo tested was a Type II catalyst. The ULSD activities of the
individual CoMo and NiMo catalysts were compared to
NiMo/CoMo/CoMo (1/1/1 - Volume Basis) and CoMo/NiMo/CoMo
(1/1/1 - Volume Basis) catalyst systems. The feed tested was a
Middle East Straight Run Gas Oil (ME SRGO) with S = 1.71 wt%, N
=190 wppm, and a Final Boiling Point (FBP) = 808°F (431°C). The
processing objective in these tests was product S = 10 wppm. The
process conditions used were: P = 800 psig (55 barg), LHSV = 1 hr,
and H,/Oil = 1550 SCFB (261 NI/l).

Under the feed and processing conditions used, the NiMo
catalyst had 60 — 130% higher ULSD HDS RVA (Relative Volume
Activity — “activity”) than the CoMo A and CoMo B catalysts,
respectively. The H, consumption with the NiMo catalyst was 25 —
32% higher than with the CoMo A and CoMo B catalysts.
Combining NiMo catalyst with the CoMo catalysts increased ULSD
HDS RVA by 28 — 35% with CoMo A and 43 — 53% with CoMo B
over the individual CoMo catalysts. The activity increases from
NiMo incorporation into the catalyst system were accompanied by a
6 — 9% H, consumption increase in the case of CoMo A and a 9 —
12% increase in H, consumption in the case of CoMo B. Catalyst
system configuration had a significant impact on performance. The
CoMo/NiMo/CoMo catalyst system had 5% higher ULSD HDS
activity than the NiMo/CoMo/CoMo catalyst system in the case of
the CoMo A. With CoMo B, the CoMo/NiMo/CoMo system was 7%
more active than the NiMo/CoMo/CoMo catalyst system. The
CoMo/NiMo/CoMo activity was 12% higher than the linear average
of the CoMo and NiMo activities using CoMo A and was 7% higher
than the linear average of the CoMo and NiMo catalysts when using
CoMo B. This shows that with properly designed catalyst systems
(proper catalyst selection and catalyst configuration) there is a
synergistic effect from combining CoMo and NiMo catalysts. The
CoMo A/NiMo catalyst systems tested achieved 44 — 56% of the
individual NiMo catalyst activity advantage over CoMo A while
incurring only 24 — 36% of the additional H, consumption observed
with NiMo.

Introduction

To fully utilize refinery Ultra Low Sulfur Diesel (ULSD)
hydrotreating assets, catalyst systems that maximize catalyst ULSD
hydrodesulfurization (HDS) activity and unit performance while

remaining within unit H, supply constraints are required. Catalyst
systems utilizing CoMo/ALO; (CoMo) and NiMo/AL,O; (NiMo)
catalysts in various proportions and in various configurations, such as
stacked beds and “sandwich” beds, can be designed to maximize
ULSD HDS activity while managing H, consumption.  This
additional activity can be utilized to increase unit throughput, process
more difficult feeds (higher refractory S content, higher N content),
or extend cycle life.

This paper presents a pilot plant study that was performed with
various CoMo, NiMo, and combined CoMo/NiMo catalyst systems in
ULSD HDS operation using commercial feed and process conditions.
The objective of this study was to establish the ULSD HDS
performance benefits of combined CoMo/NiMo catalyst systems.

Catalyst System Testing

A pilot plant study was performed comparing the Ultra Low
Sulfur Diesel (ULSD) hydrodesulfurization (HDS) activities,
hydrodenitrogenation (HDN) activities, aromatics saturation (ASAT)
activities, and H, consumptions of various CoMo, NiMo, and
combined CoMo/NiMo catalyst systems. In this study, a Type II
CoMo (CoMo A) and a conventional CoMo (CoMo B) were used.
The single NiMo tested was a Type II catalyst. The ULSD activity of
the individual CoMo and NiMo catalysts were compared to
NiMo/CoMo/CoMo (1/1/1 - Volume Basis) and CoMo/NiMo/CoMo
(1/1/1 - Volume Basis) catalyst systems. The objective of this study
was to evaluate the performance benefits of combined catalyst
systems. The catalyst loads consisted of three equally sized catalyst
beds utilizing CoMo A/NiMo and CoMo B/NiMo combinations.
100% CoMo A, 100% CoMo B, and 100% NiMo catalyst systems
were also tested to provide reference levels of performance. The
catalyst combinations tested are shown in Table 1.

Table 1. Catalyst Systems Tested

Catalyst System

Top 1/3 Middle 1/3 Bottom 1/3
CoMo A CoMo A CoMo A
NiMo CoMo A CoMo A
CoMo A NiMo CoMo A
NiMo NiMo NiMo
CoMo B CoMo B CoMo B
NiMo CoMo B CoMo B
CoMo B NiMo CoMo B
NiMo NiMo NiMo

The test feed properties and process conditions used are shown
in Tables 2 and 3, respectively. The feed tested is a typical Middle
East Straight Run Gas Oil (ME SRGO). All tests were performed
isothermally in a downflow reactor. The process objective was
product S = 10 wppm.

Table 2. Pilot Plant Test Feed Properties

Property Units Value
API Gravity (°) 321
Density glcc 0.8648
Total S wit% 1.71

Prep. Pap.-Am. Chem. Soc., Div. Petr. Chem. 2010, 55 (2), 53




CoMo | CoMo | CoMo 415/70 100 0.5
A A A

NiMo | CoMo | CoMo 440/ 74 106 0.1
A A

CoMo NiMo | CoMo 450/ 76 109 0.1
A A

NiMo NiMo NiMo 520/ 88 125 0.1

CoMo | CoMo | CoMo 390/ 66 95 1.7
B B B

NiMo | CoMo | CoMo 430/73 104 0.7
B B

CoMo | NiMo | CoMo 440/ 74 106 0.3
B B

NiMo NiMo NiMo 520/ 88 125 0.1

Total N wppm 190
UV Aromatics
Mono- wt% 5.55
Di- wt% 4.70
Tri- wit% 2.42
Tetra- wt% 0.68
Total wt% 13.35
D-2887 Distillation
IBP °F/°C 343/173
10 wt% °F/°C 484 | 251
30 wt% °F/°C 556 / 291
50 wt% °F/°C 621 /327
70 wt% °F/°C 676 / 358
90 wt% °F/°C 734/ 390
FBP °F/°C 808 /431
Table 3. Pilot Plant Test Operating Conditions
Process Conditions Units Value
Temperature °F/°C 634 — 680/ 334 - 360
Pressure psig / barg 800/ 55
H,/Oil SCFB / NI/l 1550 / 261
LHSV hr” 1.0
Product S wppm <10

Table 4 contains the temperature requirements of the various
catalyst systems tested to achieve product S = 10 wppm, the
corresponding H, consumptions, and product N data. Table 4 also
contains RVA and Relative H, Consumption (RHC) data.

Table 4. Pilot Plant Test Results: ULSD HDS Temperature
Requirements, H, Consumption, & Product N

Catalyst System
Top Middle | Btm T Required ULSD
1/3 1/3 1/3 (S=10 wppm) HDS
(°F / °C) RVA
CoMo | CoMo | CoMo 665 / 352 100
A A A
NiMo | CoMo | CoMo 651/ 344 128
A A
CoMo | NiMo | CoMo 648 / 342 135
A A
NiMo NiMo | NiMo 634 /334 163
CoMo | CoMo | CoMo 680/ 360 70
B B B
NiMo | CoMo | CoMo 665 / 352 100
B B
CoMo | NiMo | CoMo 662/ 350 107
B B
NiMo NiMo | NiMo 634 /334 163
Table 4 (Continued). Pilot Plant Test Results: ULSD HDS
Temperature Requirements, H, Consumption, & Product N
Catalyst System
Top Middle | Btm H, RHC | Product
1/3 1/3 1/3 Consumption N
(SCFB / NI/l) (wppm)

For purposes of comparison, CoMo A was used as the overall
reference catalyst. CoMo A was assigned the ULSD HDS RVA
(Relative Volume Activity) of 100 and the relative H, consumption
(RHC) of 100. The 100% CoMo B catalyst system had the lowest
ULSD HDS activity (RVA = 70) and the lowest relative H,
consumption (95). CoMo A, the NiMo/CoMo B/CoMo B, and CoMo
B/NiMo/CoMo B catalyst systems had similar ULSD HDS RVA
values of 100, 100, and 107, respectively. These catalyst systems
also had similar respective relative H, consumptions of 100, 104, and
106. The respective ULSD HDS RVA values of the NiMo/CoMo
A/CoMo A and CoMo A/NiMo/CoMo A catalyst systems were 128
and 135. The corresponding relative H, consumptions were 106 and
109. The substantially better performance of the CoMo A catalyst
system series illustrates that catalyst selection is a critical factor in
combined CoMo/NiMo catalyst system design. The 100% NiMo
system was the most active catalyst system with an ULSD HDS RVA
of 163 and had the highest relative H, consumption at 125. When
comparing the performance of the CoMo A, NiMo/CoMo A/CoMo
A, CoMo A/NiMo/CoMo A, and NiMo catalyst systems, it is seen
that the combined CoMo A/NiMo catalyst systems achieve 44 — 56%
of the NiMo activity advantage over CoMo A while incurring only 24
— 36% of the additional H, consumption observed with the NiMo
over CoMo A. The disproportionately high activity increase
observed with the CoMo A/NiMo catalyst systems for the additional
H, consumption incurred represents a significant advantage for H,
constrained commercial ULSD hydrotreating units.

Figure 1 shows the ULSD HDS RVA values for the various
catalyst systems tested. For the NiMo/CoMo/CoMo and
CoMo/NiMo/CoMo catalyst systems the expected RVA values from
linear averages of the individual CoMo (A & B) and NiMo catalysts
are shown. From this figure it is seen that the CoMo A/NiMo/CoMo
A, NiMo/CoMo A/CoMo A, and CoMo B /NiMo/CoMo B catalyst
systems have 6 — 12% higher activity than would be calculated from
the linear average of the individual CoMo and NiMo -catalyst
activities.
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Figure 1. Catalyst System ULSD HDS RV A Values

Figure 2 shows a plot of relative H, consumption as a function
of ULSD HDS RVA. With both the CoMo A/NiMo and the CoMo
B/NiMo catalyst system series, H, consumption increases with
catalyst activity. This is consistent with the preferred path for ULSD
HDS being the indirect (hydrogenation + hydrogenolysis)
mechanistic route!"®. However, Figure 2 also shows that higher
ULSD HDS activity is not simply related to higher H, consumption.
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Figure 2. Catalyst System Relative H, Consumption (RHC) / ULSD
HDS RVA Relationship

From Table 4 it is seen that catalyst system ULSD HDS RVA
and product N roughly correlate. In general, the highest ULSD HDS
activity catalyst systems have the lowest product N levels. This is
illustrated in Figure 3.
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Figure 3. Product N/ ULSD HDS RVA Relationship

Organic nitrogen is well-known as a strong inhibitor for ULSD
HDS reactions”?, so improved ULSD HDS activity with improved
HDN is expected. Using the NiMo/CoMo A/CoMo A, CoMo
A/NiMo/CoMo A, and NiMo catalyst systems resulted in product N
= 0.1 wppm. Since these product N levels are equal, they do not
provide relative HDN rate information or any information on the
location in the catalyst bed where this product N level is reached.
The faster this low N level is reached, the greater the amount of
uninhibited catalyst surface available for HDS reactions, and the
higher the catalyst system ULSD HDS activity®. From this it can be
inferred that the HDN activities of the three catalyst systems that
achieved product N = 0.1 wppm are: NiMo > CoMo A/NiMo/CoMo
A >NiMo/CoMo A/CoMo A. This along with the data for the CoMo
B catalyst series indicates that the position of the NiMo catalyst in
CoMo/NiMo combined catalyst systems significantly impacts the
HDN activity of the catalyst system. With both CoMo/NiMo catalyst
series locating the NiMo catalyst in the middle third of the catalyst
system resulted in better utilization of the NiMo HDN activity and a
greater increase in catalyst ULSD HDS activity.

The aromatics saturation (ASAT) data obtained in this study and
the accompanying ULSD HDS RVA data are contained in Table 5
and Figure 4. Both total ASAT and PNA (polynuclear aromatics: 2+
ring aromatics) ASAT data are presented. These data show that
higher ULSD HDS RVA is accompanied by higher total and PNA
ASAT. This is expected given the greater efficiency of the indirect
(hydrogenation + hydrogenolysis) mechanistic route for ULSD HDS
and is consistent with the higher H, consumption observed with
increasing ULSD HDS activity.
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Table 5. Pilot Plant Test Results: ULSD HDS Temperature

Requirements, H, Consumption, & ASAT

Catalyst System

Top Middle | Btm T Required ULSD
1/3 1/3 1/3 (S=10 wppm) HDS
(°F / °C) RVA
CoMo | CoMo | CoMo 665/ 352 100
A A A
NiMo | CoMo | CoMo 651/ 344 128
A A
CoMo | NiMo | CoMo 648 / 342 135
A A
NiMo NiMo NiMo 634/ 334 163
CoMo | CoMo | CoMo 680/ 360 70
B B B
NiMo | CoMo | CoMo 665/ 352 100
B B
CoMo NiMo | CoMo 662 / 350 107
B B
NiMo NiMo NiMo 634 /334 163

Table 5 (Continued). Pilot Plant Test Results: ULSD HDS
Temperature Requirements, H, Consumption, & ASAT

Catalyst System

Top Middle | Btm H2 RHC | ASAT

1/3 1/3 1/3 Consumption (wt%)

(SCFB / NI/l) (PNA/

Total)

CoMo | CoMo | CoMo 415/70 100 79.0/
A A A 33.0
NiMo | CoMo | CoMo 440/74 106 85.1/
A A 36.6

CoMo | NiMo | CoMo 450 /76 109 85.9/
A A 39.9
NiMo NiMo NiMo 520/ 88 125 90.9/
54.0

CoMo | CoMo | CoMo 390/ 66 95 73.5/
B B B 29.8
NiMo | CoMo | CoMo 430/73 104 8231/
B B 36.8

CoMo | NiMo | CoMo 440/74 106 82.31/
B B 39.1
NiMo NiMo NiMo 520/ 88 125 90.9/
54.0
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Figure 4. ASAT / ULSD HDS RVA Relationship

Conclusions

CoMo/NiMo catalyst systems show synergistic behavior.
Combined catalyst systems can have higher activity than that
expected based on individual catalyst activities. CoMo/NiMo
catalyst systems can show disproportionately high ULSD HDS
activity increases over CoMo catalysts for the associated H,
consumption increases. Not all CoMo/NiMo catalyst systems
show synergistic behavior.

In CoMo/NiMo catalyst systems both individual catalyst selection
and catalyst system configuration significantly affect catalyst
system synergy and performance.

The increased ULSD HDS performance of CoMo/NiMo systems
as compared with CoMo catalysts is due to increased HDN and
aromatic saturation activities.

CoMo/NiMo catalysts systems offer the opportunity to
substantially increase commercial unit ULSD HDS activity while
managing/controlling H, consumption and staying within unit H,
supply limitations.
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Combined CoMo/NiMo Catalyst System Advantages in
ULSD Production: Part I - Commercial Experience
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Abstract

A commercial example illustrating the use of a CoMo/NiMo
catalyst system in Ultra Low Sulfur Diesel (ULSD) production is
presented and discussed. A refiner in North America implemented a
CoMo/NiMo/CoMo “sandwich” system in a low/moderate pressure
ULSD unit. This unit has four parallel reactors with two catalyst
beds per reactor and interbed quench. The typical operating
conditions of this unit are LHSV = 0.7 hr’', Inlet P = 620 psig (43
barg), and H,/Oil = ~1300 SCFB (~220 NI/I). This ULSD unit
processes a blend of Coker Naphtha (CN), Straight Run Diesel
(SRD), Straight Run Kerosene (SRK), FCC Light Cycle Oil (LCO),
and ”Mixed Stocks”. The composition of the “Mixed Stocks” feed
stream consists of Coker Gas Oil (CGO), Purchased LCO, Light
Vacuum Gas Oil (LVGO), and slop streams. This unit had
previously used a CoMo catalyst system to minimize H,
consumption. The motivation for changing to the
CoMo/NiMo/CoMo catalyst system was to process greater quantities
of more difficult feeds while maintaining catalyst cycle length and H,
consumption at the levels observed with the previous CoMo catalyst
load. The CoMo/NiMo/CoMo catalyst system allowed higher
endpoint (D-2887 90 wt%: +12°F (~+7°C), D-2887 98 wt%: +15°F
(~+8°C)) and higher nitrogen content (~190 wppm N as compared to
~115 wppm N) feed to be processed into ULSD without shortening
catalyst cycle length or significantly increasing H, consumption.

Introduction
Combined CoMo/NiMo catalyst systems offer the opportunity to
maximize catalyst Ultra Low  Sulfur Diesel (ULSD)

hydrodesulfurization (HDS) activity while managing/controlling H,
consumption”.  Managing H, consumption is a critical concern
with H, constrained ULSD units. A North American refiner replaced
a CoMo catalyst system with a CoMo/NiMo/CoMo “sandwich”
catalyst system in a low/moderate pressure ULSD unit. The unit
configuration is four parallel reactors with two beds and interbed
quench. This unit processes a blend of straight run and cracked
stocks. The unit is H, constrained and had previously used CoMo
catalysts to minimize H, consumption. The motivation for changing
to the CoMo/NiMo/CoMo catalyst system was to process greater
quantities of more difficult feeds while maintaining catalyst cycle
length and H, consumption at the levels observed with the previous
CoMo catalyst loads.

This paper compares the commercial ULSD unit performance
with the CoMo/NiMo/CoMo catalyst system being used in the
current catalyst cycle to the unit performance with the CoMo catalyst
system used in the previous catalyst cycle. The feed properties and
unit performance characteristics for the first ~500 days of operation
of the current catalyst cycle (Cycle 2) that utilizes the
CoMo/NiMo/CoMo catalyst system are compared with the
performance of the ULSD unit in the first ~500 days of operation in
the previous catalyst cycle (Cycle 1) that utilized a CoMo catalyst
system.

Commercial Catalyst System Comparison

The ULSD unit being evaluated processes a blend of Coker
Naphtha (CN), Straight Run Diesel (SRD), Straight Run Kerosene
(SRK), FCC Light Cycle Oil (LCO) and ”Mixed Stocks”. The

composition of the “Mixed Stocks” feed stream consists of Coker
Gas Oil (CGO), Purchased LCO, Light Vacuum Gas Oil (LVGO),
and slop streams. The composition of the “Mixed Stocks” stream is
not well-characterized and varies substantially. (This refiner is taking
action to more completely characterize the “Mixed Stocks” feed
stream in the future.)

The feed properties and performance characteristics for the first
~500 days of operation of the current catalyst cycle (Cycle 2) that
utilizes the CoMo/NiMo/CoMo “sandwich” catalyst system is
compared with the performance of the ULSD unit in the previous
catalyst cycle (Cycle 1) that utilized a CoMo catalyst system for the
same time period. This ULSD unit typically achieves a ~24 month
catalyst cycle length.

The typical operating conditions used at the ULSD unit are
shown in Table 1.

Table 1. Commercial ULSD Unit Operating Conditions

Process Units Value
Conditions
Inlet Pressure psig / barg 620 /43
Average ppH2 psia / bara 500/ 35

Overall LHSV hr’ 0.7

Treat Gas Rate SCFB / NI/l 1275-1350 / 215-228

Treat Gas Purity Vol% 85 -90

The average feed blend compositions for the current cycle
(Cycle 2) using a CoMo/NiMo/CoMo catalyst load and the previous
catalyst cycle that used CoMo catalyst (Cycle 1) are shown in Table
2.

Table 2. Average Feed Composition: Current & Previous

Catalyst Cycles

Cycle 1: CoMo Cycle 2: CoMo/NiMo/CoMo
Average Feed Composition Average Feed Composition

MBD MBD
“Mixed Stocks” 24.8 “Mixed Stocks” 25.6
SRD 29.2 SRD 28.0
SRK 8.4 SRK 13.6
LCO 5.6 LCO 3.6
CN 4.2 CN 3.2
Total 72.2 Total 74.0

The average feed blend compositions shown in Table 2 resulted
in the average feed blend properties shown in Table 3.

Table 3. Average Feed Properties: Current & Previous Catalyst
Cycles

Cycle 1: CoMo

Average Feed Properties

Cycle 2: CoMo/NiMo/CoMo
Average Feed Properties

API Gravity (°) |

35.5

API Gravity (°)

33.8
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Specific Gravity 0.8473 Specific Gravity 0.8560
Total S (wt%) 0.50 Total S (Wwt%) 0.48
Total N (wppm) 117 Total N (wppm) 192
D-2887 °F/°C D-2887 °F/°C
Distillation Distillation
IBP 209/98 IBP 214 /101
10 wt% 362 /183 10 wt% 372/189
50 wt% 510/ 266 50 wt% 519 /271
90 wt% 639 /337 90 wt% 651 /344
98 wt% 689 / 365 98 wt% 704 /373

The average total sulfur contents of the feeds processed in the
two catalyst cycles are very similar. However, there are several
significant differences in the feeds. The feed blend being processed
in the current catalyst cycle (Cycle 2 - CoMo/NiMo/CoMo) has
average T-90 (D-2887 90 wt% Point) and T-98 (D-2887 98 wt%
Point) distillation values that are 12°F (7°C) and 15°F (8°C) higher,
respectively, than those for the average feed processed in Cycle 1.
As the boiling range endpoint increases, the amount of difficult to
convert sulfur species in the feed increases”. The Cycle 2 feed has
an organic N content ~65% higher than that of the Cycle 1 feed.
Organic nitrogen species are strong catalyst inhibitors®*. The higher
organic N content of the feed along with its higher boiling range
result in a feed that is intrinsically more difficult to process into
ULSD®. The “Mixed Stocks” T-98 for the current and previous
catalyst cycles is shown in Figure 15. It has been observed with this
unit that the most reliable indicator of unit temperature requirements
to meet product sulfur specifications is the “Mixed Stocks” T-98.
The “Mixed Stocks” T-98 values for the current and previous catalyst
cycles are shown in Figure 1. The “Mixed Stocks” T-98 has been
10°F - 40°F (6°C - 22°C) higher in the current cycle as compared
with the previous cycle.

750 T 399
;u? 700 371 06
& 650 343 &
- i -
o i 1 )
'5 600 [ | ACycle 1 - CoMo: "Mixed Stocks" T-98 316 f,
.9 [ | OCycle 2 - CoMo/NiMo/CoMo: "Mixed Stocks" T-98 .9
@ 550 | 288 »
3T | 3
X i o X
s 500 : Fa 260 S
450 Ll 93D
OVOVOVOVONOWVONOWVOLO
ODNOANDLNONDNONINOANDNOS
rerrrANNNOOOOTTE O
TOS (Days)
Figure 1. “Mixed Stocks” T-98: CoMo/NiMo/CoMo & CoMo
Catalyst Cycles

The feed being processed in the current ULSD unit cycle (Cycle
2) is on average substantially more difficult to process than the feed
processed in the previous cycle. The normalized weight average bed
temperature (WABT) requirements for this unit in the current and
previous catalyst cycles are shown in Figure 2. From this figure it is
seen that utilizing a CoMo/NiMo/CoMo catalyst system has allowed
the refiner to process a feed with higher endpoint and higher N
content without an increase in operating WABT requirements. The

CoMo/NiMo/CoMo catalyst system will achieve the same cycle
length as the CoMo catalyst system used in the previous cycle. In the
current cycle, operating temperature requirements were lower in the
TOS 200-250 day period when the “Mixed Stocks” T-98 was
reduced. The significant normalized WABT gap between the current
cycle with the CoMo/NiMo/CoMo catalyst system and the previous
catalyst cycle in the TOS 425 — 475 day range is due to the extremely
low “Mixed Stocks” T-98 during this period of the previous catalyst
cycle as shown in Figure 1.
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Figure 2. Normalized WABT Comparison: CoMo/NiMo/CoMo &
CoMo Catalyst Cycles

A comparison of the H, consumption observed in the
CoMo/NiMo/CoMo and CoMo catalyst cycles is shown in Figure 3.
In the initial stages of the CoMo/NiMo/CoMo catalyst cycle (TOS up
to ~100 days), the H, consumption is substantially higher than what
was observed with the CoMo catalyst system. The reasons for the
higher H, consumption with the CoMo/NiMo/CoMo catalyst system
at the beginning of this catalyst cycle are understood by examining
feed properties. In the first ~75 - 100 days of operation, the total S
content of the feed processed in Cycle 2 (CoMo/NiMo/CoMo
catalyst) was about 0.30 wt% higher than the total S level of the feed
that was processed in the same time period in Cycle 1 (CoMo
catalyst). This is shown in Figure 4. This higher feed S accounts for
~40 SCFB (~7 NI/l) of the additional H, consumption observed in the
first ~75 - 100 days of the CoMo/NiMo/CoMo cycle. The remainder
of the additional H, consumption is likely due to aromatics saturation
(ASAT). The total feed density is higher during this period of the
current cycle as shown by API gravity data in Figure 5. (For
reference, Table A in Appendix A shows the specific gravity values
that correspond to the API gravity range of 30° — 40°.) In the first
~75 - 100 days of the current cycle the API gravity was much lower
(the specific gravity was much higher) than usual. Since the boiling
range of the total feed in the CoMo/NiMo/CoMo catalyst cycle
during this time period is typical, as shown in by the total feed T-98
(D-2887 98 wt% Point) in Figure 6, this higher density is most likely
due to the feed being more aromatic. The higher aromaticity of the
feed during the first ~75 - 100 days of the current catalyst cycle and
the favorable hydrogenation conditions [low temperature, high ppH,
(low hydrocarbon vaporization)] present at SOR resulted in higher H,
consumption during this period. As the current cycle progressed,
feed total S contents were reduced to typical levels and feed API
gravities increased (specific gravity decreased) to typical levels. This
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resulted in the H, consumption with the CoMo/NiMo/CoMo system
returning to the levels observed in the previous cycle with the CoMo
catalyst system.

350

300

250

N
(=4
o

H, Consumption (SCFB)
&
o

-
(=4
o

Figure 3.

Cycles

0.90

[=}]
~

a
©

a
pxy

w
'

N N
(3} N
H, Consumption (NI/1)

-
~

H, Consumption: CoMo/NiMo/CoMo & CoMo Catalyst

ACycle 1-CoMo: Feed S
o OCycle 2 - CoMo/NiMo/CoMo: Feed S

Figure 4. Feed Total Sulfur Content: CoMo/NiMo/CoMo & CoMo
Catalyst Cycles

£
o
P4
°
o
o
L =
0
31 1 E ACycle 1 - CoMo: Feed API
i OCycle 2 - CoMo/NiMo/CoMo: Feed API
30
OMOWOVOWNOWVOWVWOMO OO
LDNOANDLMNONDODNOADLDNOANDLNO
FeErcANANANOOOOST I T 0O
TOS (Days)
Figure 5. Feed API Gravity: CoMo/NiMo/CoMo & CoMo Catalyst
Cycles
850 454
ACycle 1 - CoMo: Feed T-98
| | OCycle 2 - CoMo/NiMo/CoMo: Feed T-98 | A
—~ 800 | g 427
TR L
e
©
N4
- 750
-
]
]
w
700
650

Figure 6. Total Feed T-98: CoMo/NiMo/CoMo & CoMo Catalyst

Cycles

Conclusions

Utilization of a CoMo/NiMo/CoMo “sandwich” catalyst system
in a low/moderate pressure commercial ULSD unit has allowed a
refinery to process more difficult feeds (higher endpoint, higher
nitrogen content) at higher throughput while maintaining catalyst
cycle length. These benefits have been achieved while maintaining
H, consumption at the same levels observed with the CoMo catalyst

system used in the previous unit cycle.
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Appendix A

Table A. Corresponding API Gravity & Specific Gravity Values:
API Gravity Range 30° - 40°

API Gravity (°) Specific Gravity
30.0 0.8762
30.5 0.8735
31.0 0.8708
31.5 0.8681
32.0 0.8654
32.5 0.8628
33.0 0.8602
33.5 0.8576
34.0 0.8550
34.5 0.8524
35.0 0.8498
35.5 0.8473
36.0 0.8448
36.5 0.8423
37.0 0.8398
37.5 0.8373
38.0 0.8348
38.5 0.8324
39.0 0.8299
39.5 0.8275
40.0 0.8251
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Abstract

In this work Arabian Light Vacuum Residue (AL VR) upgrading
reactivity is investigated in a continuous up flow tubular reactor.
Kinetic modeling is performed on two different processes, namely,
thermal cracking and steam catalytic cracking using an ultra
dispersed bi-metals catalyst. Thermal and steam catalytic cracking
were studied at different space velocities and temperatures. Steam
catalytic cracking was investigated by producing emulsions of AL
VR, water, surfactant and catalytic metals according to a given
formulation. Thermal cracking aided with steam was conducted in
order to isolate the upgrading effect of the steam, if present, in
order to quantify the upgrading effect of the ultradispersed catalyst.
Upgrading was quantified by measuring the conversion as the
measure of the percentage reduction of 540°C+ hydrocarbon
present originally in the feed and by determining products
selectivity. AL VR upgraded products characteristics measure were
kinematic viscosity, P-value, SARA, MCR and SimDist. Kinetic
parameters were generated utilizing the accumulated data from
both processes using a cascade lump model.

Introduction

Heavy refinery residues have a commercial value to a
great extent lower than their BTU value. However, as a result of
increasing crude oil prices, demands, and inventory of residual
heavy oils, as a byproduct of processing conventional and
unconventional crude oils, residual oil upgrading has become more
economically attractive to fulfill the increasing oil demand. AL VR
is considered one of the hard residues to process. This residue is
composed of a mixture of large and complex hydrocarbon
molecules along with one or more heteroatoms. AL VR is
adversely affected by the presence of asphaltenes. These fractions
contain most of the sulfur, nitrogen and metals. Furthermore,
asphaltenes increase oil viscosity and produce plugging and
transportation problems. In addition, asphaltenes are difficult to
convert to lighter fractions and their indigenous high metals
content poison the catalysts that are essential to convert them.
Asphaltenes precipitate due to changes in the oil physical
conditions such as temperature and/or pressure or chemical
composition. AL VR visbreaking occurs via a combination of
endothermic reactions taking place via a free radical mechanism.
AL VR visbreaking has long been used in many refineries around
the world but not much data has been disclosed. Limited data are
available on the reactivity of AL VR under visbreaking or steam
cracking conditions. Ultra dispersed bi-functional catalytic steam
cracking via emulsion of AL VR was investigated in this work for
the first time in academia. Since limited data are available, thermal
and steam cracking reactivity tests and kinetic data evaluation were
conducted in this work to establish a base line for the reactivity
tests via steam catalytic cracking. It is found that a number of
characterization data reported by literature are different from one
another to some extent due to analysis method, stock oil cut point,
oil source, and its history. As a result, for the sake of consistency

all the characterization results considered in this work were made
in the same lab for both the feed and the treated oils.

Experimental Procedure

Reactivity & Characterization Tests
The reactivity tests were carried out in a pilot plant with up flow
configuration setup. The experimental plan is shown in Figure 1.
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Figure 1. Reactivity Tests Plan

The reactivity tests consisted of thermal and steam catalytic
cracking. Thermal cracking reactivity tests were conducted with
and without steam addition at different Liquid hourly space
velocities (1.5-5hr") and temperatures (390-430°C). The space
velocities were fixed aiming to test high space velocities and
temperatures until the stability limit of P-value' of 1.2 is reached, a
measure of the asphaltenes tendency to precipitate. Steam catalytic
cracking using unsupported bi-functional nickel potassium
ultradispersed catalyst was tested on AL VR at temperatures (430-
445°C) and LHSV (5-10.5hr™"). Steam catalytic cracking via ultra
dispersed catalyst was implemented according to the
Aquaconversion® as proposed by UOP and others’. This is a
thermal process in the presence of steam and ultra dispersed dual
function catalyst, which generates hydrogen through the catalytic
dissociation of the steam and promotes hydrogen addition to the
produced free radicals. This process increases the conversion of
heavy residues to lighter products and maintains or improves the
stability and quality of products of thermally cracked process,
which employs heat exclusively. Due to high viscosity of AL VR
the catalyst was prepared in a mixture of AL VR-naphtha in a
predetermined ratio prior to emulsion preparation. The blended
naphtha was flashed out, after forming the oil suspended catalyst,
the oil SimDist was obtained as shown in Figure 2.
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different well established indicative measurements. Stability index
measurement is an important decisive technique used to determine
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the maximum achievable conversion limit. Residual oils stability
index was determined by P-values. SARA, as a qualitative fast
measurement, was determent by first isolating asphaltenes from the
oil sample by microdeasphalting using n-heptane and then analyze
the maltenic phase via Thin Layer Chromatography method
combined by Flame Ionization Detection method (TLC-FID)® via
latroscan. Micro carbon (MCR)* measurement was used to
determine coke formation affinity of the oils using muffle furnace.

Results

From SimDist analysis, it is observed that the 540°C+
hydrocarbon content in AL VR is 88wt%. Table 1 compares the
results of upgrading reactivity and characterization tests on AL VR
oils at Shr' done via thermal, steam and steam catalytic cracking.
It is observed that AL VR is rich in aromatics and resins and low in
paraffins. The percent weight conversion in this table is based on
540°C+ hydrocarbons conversion. From Table 1 it is observed that
steam-aided thermal cracking didn’t have any effect on conversion
or stability of the reactivity test products. It is also observed that
the asphaltene and MCR production was ceased and P-value was
increased while more resin was converted when the ultra dispersed
catalyst was used with AL VR as compared to thermal and steam
cracking at 430°C. This is an explicit indication of the stability and
upgrading gain achieved using bi-functional ultradispersed catalyst
with AL VR. This add on stability level has allowed more room for
upgrading as it is seen from Table 1 with a product having a P-
value of 1.35.

Table 1:Reactivity & Characterization Tests of AL VR
AL VR TC TC SC SCC

Temperature (°C) 413 430 430 430
LHSV(hr") 2.5 5 5 5
% conversion 27.1 284 272 289
P-Value 2.9 1.2 1.2 1.2 1.35
MCR wt% 21.5 29.83  31.1 294 304
Saturates wt% 6.2 9.3 8.1 8.2 8.7
Aromatics wt% 61.6 65.3 65.9 66 69.9
Resins wt% 22.1 10.4 12.5 12.8 8.7
Asphaltenes wt% 10.1 15.0 13.5 129 127

60°C Viscosity, cP 36091 8220 8233 8855 9131

Figure 3 shows the experimental data of AL VR upgrading via
thermal cracking at Shr''. It is observed from this figure that the
kinematic viscosity decreases sharply with temperature. It is also
observed that aromatic, MCR, saturates and asphaltene increases
gradually at the expenses of resins as the conversion level is
increased. However, saturates seemed to be declining as the
severity level is increased close to stability limit.

Figure 4 shows the progression of AL VR conversion data with
space time for both thermal and catalytic cracking. From this curve
it is noticed that thermal cracking conversion, at the stability limit,
has increased steadily as indicated by the dotted curve. Sudden
jump in conversion profile has been observed at 6.5hr" after
incorporating the ultradispersed catalyst as indicated by the
continuous curve. It is also observed that above 430°C and at space
velocities higher than 5h™ higher conversion can be achieved via
Aquaconversion.
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Figure 3. AL VR thermal cracking product MCR & SARA vs. %wt
conversion at Shr.
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Figure 4. Effect of Space Time on wt % Conversion

Figures 5 and 6 show the stability and conversion trend of thermal
cracking and Aquaconversion of AL VR, respectively. From both
figures one important observation has been noticed; operating at
higher temperatures and space velocities favors higher conversion
and stability indices, which is a desirable feature for refiners who
seek high production rate. This behavior can be observed from
Table 1 where AL VR thermal cracking %conversion at 413°C and
2.5hr" was found to be 27.1wt% at a P-value of 1.2 while the
conversion at 430°C and 5hr! was found to be 28.4wt% at a P-
value of 1.2.
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Figure 5. Thermal cracking stability indices and (540°C+ HC) Conversions as
a function of different LHSV.
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Arabian Light vacuum residue thermal cracking and steam
catalytic cracking reactivity kinetics were estimated assuming first
order with respect to the percent conversion of 540°C+
hydrocarbons. It is found that AL VR upgrading reactivity via
thermal and steam catalytic cracking follow first order kinetics
with activation energy of 168 and 167 KJ/mol as shown in Figures
7 and 8, respectively.

Kinetic Modeling of AL VR Upgrading

One of the objectives of conducting the Aquaconversion
experiments at different conditions is to develop a kinetic model
that can be used to estimate the upgrading parameters that closely
match the experimental values to a great extent. A first order
kinetic model is assumed.
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Figure 7. AL VR thermal cracking reactivity follow 1* order kinetics.

In order to simplify the kinetic model a lumped kinetics technique
is used based on simulated distillation cut points as follows:
Residue(540°C+)
VGO(455-540°C)
Distillates(204-455°C)
Naphtha(IBP-204°C)
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Figure 8. AL VR steam catalytic cracking reactivity 1* order kinetics

The kinetic model is used to estimate the thermal cracking process
as the base line for the Aquaconversion’s kinetic model estimation.
Figure 9 slll_(‘)_v.vs the proposed model.

Figure 9. Proposed Lumped Kinetic Model

Table 2 shows the kinetic parameters generated utilizing the
accumulated data from steam catalytic cracking process using a
cascade lump model.

Table 2. Estimated Reaction Constants

k1=0.828 k2=0.354

k3=0.281 k4=0.612

k§=7.014 k6 =10.061
k7=0.485

The corresponding mathematical model is as follows:

TResidue = = (k1+k2+k3+k4)*CRcsiduc

1vGo = k1*Cresidue - (k51k6)*Cyco

IDistillates — kZ*CRcsiduc + kS*CVGO - k7*CDistillatcs
I'Naphtha = k3 *CResidue + k6*CVGO + k7*CDistillates
TGas = k4*CResidue

Table 3 shows comparison between the experimental and kinetic
model estimated composition of LHSV 8.0hr! at 440°C product.

Table 3. Experimental & Estimated

Component Experimental wt | Calculated wt
Cresine 0.637 0.631
LHSV Ceo 0.122 0.124
8.0hr" CDistillates 0.163 0.159
Naphtha 0.029 0.032
C s 0.050 0.055
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A complete comparison between the experimental and calculated
composition at 440°C is shown in Figure 10. From this figure it is
observed that both results are in close agreement.
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Figure 10. Comparing Experimental and Model Composition Data

Conclusion

Experimental reactivity tests based on thermal, steam
and steam catalytic cracking at different severities and condition
were performed and a kinetic model that explains the reaction
system was proposed AL VR oils (Original & Reacted) were
characterized via P-Value, SimDist, SARA, MCR and kinematic
viscosity. It is observed that high space velocities favor the use of
high reaction temperatures increasing cracking reactions more than
condensation reactions, keeping reasonable product stability and
higher residue conversion into liquids. It is also proven that the
catalytic steam cracking improves the reactivity and stability of the
products by converting more resins while neutralizing or subsiding
further asphaltene flocculation reactions.
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Nomenclature

AL = Arabian Light Crude Oil

VR = Vacuum Residue

TC = Thermal Cracking

SC = Steam Cracking

SCC = Steam Catalytic Cracking

SARA = Saturates, Aromatics, Resins, Asphaltenes

P-Value = Peptizing Value
= Liquid Hourly Space Velocity
= Micro Carbon Residue
SimDist = Simulated Distillation
= Cubic Centimeter

LHSV
MCR

cC
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Introduction

Over the past years legislators have forced the oil industry to
produce cleaner and more environmentally friendly fuel oils and
transportation fuels [1,2,3]. Moreover further emphasis has been
placed on the catalytic upgrading of heavy petroleum fractions and
residues such as oils in the vacuum gas oil (VGO) range [4]. It is
difficult to hydrotreat oils in this range down to low sulfur levels, as
oils of that type normally contain significant amounts of the sulfur
compounds, which are the most difficult to desulfurize [5]. In
addition, heavy oil fractions also contain significant amounts of
organic nitrogen which inhibit hydrodesulfurization [5]. The most
refractive sulfur compounds are higher molecular weight
dibenzothiophenes with side chains positioned in such a way that
they sterically hinder the access to the sulfur atom [1,3,6].

This article focuses on the impact of boiling point range and
inhibiting effect of organic nitrogen species on the HDS reactivity of
oils in the diesel and VGO range. This may contribute to a better
understanding of the underlying HDS kinetics and may help in the
design of future hydrotreaters for the refining industry. Furthermore
such kinetic studies may be used when revamps and optimization of
existing units are needed to handle heavier and more difficult feeds.

Experimental and analysis

A coker gas oil in the VGO range was fractionated into three
new feeds: IBP-350°C, 350-400°C and 400-EBP. These three feeds
were analyzed for specific gravity, sulfur, total and basic nitrogen as
well as hydrogen, aromatics and cold flow properties. Furthermore
the distillation curves were determined. The content of As, Fe, Ni
and V was also measured.

The feeds were hydrotreated at three different temperatures and
45-60 barg at LHSV = 1.0 h™' and Hy/oil = 400 NI/1. The four
different test conditions used during the test are specified in Table 1.

Table 1. Test Conditions applied during
Activity Test on Fractionated VGO.

reactors to treat the two heaviest feeds. The dilution degree was
40 vol% obtained by carborundum.

The total liquid product (TLP) was collected from each reactor
at each condition after steady state had been obtained. All the TLPs
were analyzed for specific gravity, sulfur, total and basic nitrogen as
well as hydrogen and aromatics. The distillation curves were also
determined. Furthermore the sulfur and nitrogen distributions of the
three feeds and selected product samples were determined by GC-
AED analysis with a Hewlett-Packard 6890 equipped with a G2350A
AED detector.

Feeds properties

The original coker VGO had an IBP of approximately 200°C
and an EBP of 550°C (simulated distillation). This oil was
fractionated into IBP-350°C, 350-400°C and 400-EBP, and the mass
of the three new feeds relative to the mass of the original feed was
27%, 31% and 42%, respectively. Thus the IBP-350°C feed was
actually a diesel, the 350-400°C feed a relatively light VGO, whilst
the 400-EBP feed was a heavier VGO. The content of sulfur, total
nitrogen and basic nitrogen of the three new feeds was determined
next, and the results are given in Table 2.

Table 2. Content of Sulfur, Total and
Basic Nitrogen of the three Test Feeds.

Feed S [wt%] | Total N [wt ppm] | Basic N [wt ppm]
IBP-350°C 2.10 707 306
350-400°C 2.38 1598 471

400-EBP 2.21 3097 882

Condition | T[°C] | P[barg] | LHSV [h'] | Hy/oil [NI/I]
1 Base 45 1.00 400
il Base + 20 45 1.00 400
111 Base + 40 45 1.00 400
v Base + 20 60 1.00 400

The unit chosen for the test was a bench scale reactor setup with five
reactors in a single furnace. There was downflow, and three separate
heating zones in the furnace allowed isothermal operation during the
activity test. Each reactor has a total reactor volume of 177 ml, and
the design is single stage. Pure once-through hydrogen was used as
treat gas, and the liquid product from each reactor was separated
from the exit gases in a high-pressure separator (HPS). The liquid
product from the HPS was sent to a low-pressure stabilizer (LPS) for
removal of remaining gases and non-condensed light hydrocarbons.
Nitrogen was used as stripping agent.

Two commercial Haldor Topsee catalysts were used for the test.
A CoMo catalyst (TK-562 BRIM™) was loaded into three of the
reactors and used to hydrotreat each of the three feeds, whilst a NiMo
catalyst (TK-561 BRIM™) was loaded into the remaining two

This enabled us to focus on the distribution of sulfur and nitrogen
compounds as a function of feed boiling point. Figure 1 shows the
relative distribution of sulfur, total and basic nitrogen as well as mass
between the three new feeds. It can be seen that the sulfur was
distributed rather evenly as compared with the mass of the new feeds.
As opposed to this, both total and basic nitrogen were mainly
concentrated in the 400-EBP feed, as 66% and 62% of the total
amounts of these compounds were present in this feed, respectively.
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Figure 1. Relative distribution of sulfur, total and basic nitrogen as
well as mass in the three feeds obtained.

With respect to aromatics it was found that the mono-aromatics
were evenly distributed, whereas a high relative amount of the di-
aromatics was present in the lightest feed (40%). On the other hand,
tri+-aromatics were highly concentrated in the heaviest feed (72%).

With respect to metals, As, Fe, Ni, V and Si are often present in
VGOs. An example of this is Si, which is often present in oils
originating from coker units. Such metals may deactivate
hydrotreating catalysts by adsorption on the active sites. The content
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of As, Fe, Ni and V was measured and the distribution determined. In
the case of As, the distribution between the fractions was 10%, 13%
and 77%, respectively, whilst for Fe, Ni and V, almost all of these
metals were concentrated in the 400-EBP feed (>97.5%). The
activity measurements in this study were not affected by the presence
of metals due to the fact that the pilot plant test was relatively short.
The sulfur and nitrogen distributions of the three feeds were
determined by GC-AED. The sulfur chromatograms of the two
lightest feeds are given in Figure 2 and 3. It is interesting to see that
the IBP-350°C feed contained both thiophenes, benzothiophenes and
dibenzothiophenes, whilst the 350-400°C feed contained mainly
dibenzothiophenes and heavier sulfur compounds such as
benzonaphthothiophenes, etc. The chromatogram of the 400-EBP
feed is not given, but this feed was shown to contain heavier
compounds than the 350-400°C feed. Thus the sulfur compounds of
the 400-EPB feed are mainly based on a dibenzothiophene skeleton.

BT’s + DBT’s

en (8)

Arbitrary units

LEAMJJW

10 20 30 40 50
Time [min]

Figure 2. GC-AED sulfur chromatogram of the IBP-350°C feed.

T = thiophenes, BT = benzothiophenes, DBT = dibenzothiophenes.

Mainly DBT’s + heavier sulfur compounds
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Figure 3. GC-AED sulfur chromatogram of the 350-400°C feed.
DBT = dibenzothiophenes.

Results and discussion

In the following, the main results of the activity test will be
presented and discussed. Our focus is experimental observations,
relative reactivities between the three feeds and the two catalyst
types as well as the inhibiting effect of basic nitrogen on the HDS
activity.

Experimental observations. The most important analysis
results obtained for the products were sulfur, total nitrogen and basic
nitrogen, which are given in Figure 4 — 6 for condition I, II and III.

Figure 4 shows the sulfur levels of the products on a logarithmic
scale as a function of temperature. It is very interesting to see that the
CoMo catalyst had a higher HDS activity than the NiMo catalyst at
these conditions. Probably the rather low reactor pressure of 45 barg
was responsible for the higher HDS activity of the CoMo catalyst.
With respect to the impact of feed boiling point range on the HDS
activity, the apparent reactivity trend of the three feeds is as follows:

IBP-350°C >> 350-400°C > 400-EBP (1)

This is supported by the fact that the sulfur levels of the feeds were
almost identical (see Table 2).
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Figure 4. Product sulfur levels at condition I, IT and III as a function

of reactor temperature.

Figure 5 provides the total nitrogen levels of the products on a
logarithmic scale as a function of temperature.
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Figure 5. Total nitrogen levels of the products at condition I, II and

III as a function of reactor temperature.

In this case the HDN activity was approximately the same for the
CoMo and NiMo catalyst. It was also seen that the HDN reactivity
trend of the three feeds followed the HDS reactivity trend, namely as
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specified by inequality (1). This was the case despite the fact that the
feed nitrogen level was different for the three feeds. For condition I,
the HDN conversion of the three feeds treated by the CoMo catalyst
was e.g. 92.1%, 47.9% and 22.1%, respectively.

Figure 6 shows a similar plot of the basic nitrogen levels of the
products. As can be seen, the activity for removing basic nitrogen at
these conditions was approximately the same for the CoMo and
NiMo catalysts. Only one data point is shown for the lowest boiling
feed, because the remaining product basic nitrogen levels were
<2 wt ppm, which is the lower detection level for basic nitrogen.
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Figure 6. Basic nitrogen levels of the products at condition I, II and

III as a function of reactor temperature.

Apparent relative HDS reactivities. At this point it has been
shown that there is a large difference in HDS reactivity of the three
feeds tested. Even though the sulfur concentrations of the three feeds
were approximately the same, the product sulfur level of the IBP-
350°C feed was significantly lower than that of the 350-400°C feed,
which again was lower than that of the 400-EBP feed.

A kinetic model must be considered to quantify the relative
HDS reactivities. Although first-order kinetics may be used to
describe desulfurization of each sulfur-containing compound, a
reaction order for the total sulfur concentration different from one is
often applied to describe the desulfurization rate of the mixture of
individual sulfur species [7]. It has been found that a reaction order n
for HDS of 1.5-1.8 often fits oils in the diesel range [1,7]. For heavier
feeds such as VGOs, the best fit of the reaction order # is usually
found in the range 1.8-2.3 [1,4,8]. For a comparison of the HDS
reactivities of the three feeds, the same reaction order should be
applied.

By considering a simple reaction rate expression of HDS
without inhibition:

1
Rs = kpps -Cl /€Y (P, 1Py @)

with a typical reaction order of a VGO, such as n = 2.0, it is possible
to evaluate the apparent relative HDS reactivities of the three feeds.
The temperature dependence of the rate constant above is considered
to follow the Arrhenius law:

~E 4, HDS ] 3)

0
kpps = kHDS ‘eXp[ RT

A fit to the experimental data gives £, yps = 42.1 kcal/mol and a =
0.55. With this simple model, the relative HDS reactivities of the
feeds were calculated using the heaviest feed as reference for both

catalyst types. The results are given in Table 3. The relative HDS
activity of the two catalyst types is also provided.

Table 3. Apparent Relative HDS Reactivities of the three Test
Feeds and two Catalysts when using a Simple n™ Order Model
without Inhibition Terms.

Feed Relative HDS activity
(IBP-350)como/(400-EBP) como 33
(350-400)conmo/(400-EBP)como 5.1
(350-400)nimo/(400-EBP)nimo 4.7

(350-400)conmo/(350-400)Nimo 22
(400-EBP)como/(400-EBP)nimo 2.0

As can be seen, the CoMo catalyst is approximately two times more
active than the NiMo catalyst at these conditions. However, the
apparent reactivity of the diesel was much higher than that of the
heaviest VGO, and the 350-400°C feed was approximately five times
more reactive than the 400-EBP feed for both catalyst types. The
reason for these large differences is discussed qualitatively in the
following subsection.

Reasons for activity differences. It is generally known that
diesel and VGOs contain a wide variety of organic sulfur and
nitrogen species, and that the reactivity of the different species varies
significantly [3]. Diesel feeds e.g. contain both thiophenes and
benzothiophenes, which are easy to desulfurize. Part of the total
sulfur will also consist of dibenzothiophenes with and without alkyl
groups. The dibenzothiophenes without alkyl groups and those with
only one alkyl group positioned away from the sulfur atom are
considered to be relatively difficult to desulfurize [3]. However, the
most refractive sulfur compounds are dibenzothiophenes with side
chains positioned close to the sulfur atom [3]. Especially 4,6-
dimethyldibenzothiophene is very difficult to desulfurize [1,3]. As
seen in Figure 2 and 3, the diesel feed contained significantly more
thiophenes and benzothiophenes as compared with the two VGOs,
and correspondingly, the two VGOs contained more difficult sulfur
species. This difference in sulfur distribution between the diesel feed
and the two VGOs was certainly one of the main reasons why the
diesel feed was more reactive than the two heavier ones. However, a
relative reactivity of the diesel and of the heaviest VGO of >30 still
seems to be surprisingly high as the diesel feed in fact contains
significant amounts of alkylated dibenzothiophenes. On the other
hand the majority of the sulfur species of the two heaviest feeds are
probably not very different with respect to HDS reactivity, as they
are mainly based on a dibenzothiophene skeleton. A similar
reactivity of the 350-400°C feed and the 400-EBP feed would thus be
expected.

The different sulfur distribution of the feeds is not enough to
explain the significant differences in feed reactivity. Also the content
of organic nitrogen and especially basic nitrogen may play an
important role [3]. Table 2 and Figure 6 show that the content of
basic nitrogen species in the reactors was very different depending on
which feed was used. Hence HDS of the three feeds may have been
inhibited by basic nitrogen to very different degrees. This may have
contributed significantly to the high reactivity differences seen in
Table 3. Thus if this is taken into account, the relative HDS
reactivities solely caused by the different sulfur distributions of the
feeds may be separated from the inhibiting effect of basic nitrogen.
This approach will give more realistic relative reactivities of the
feeds.

It is generally accepted that two reaction pathways exist for
HDS of dibenzothiophene and alkyl-substituted dibenzothiophenes.
One route involves hydrogenation of one of the aromatic rings prior
to removal of the sulfur atom (hydrogenation route). The other route
involves direct extraction of the sulfur atom without ring
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hydrogenation (direct route) [3,6]. The direct route of HDS is
inhibited by hydrogen sulfide along with non-basic and basic
nitrogen, whereas the hydrogenation route is particularly inhibited by
basic nitrogen species [2,3,6]. The hydrogenation route is especially
important for NiMo catalysts at high conversion levels, where the
most refractive sulfur species determine the overall reactivity [3].
However, this presumes that basic nitrogen has been removed in
order not to inhibit the active sites of the hydrogenation route.

The sulfur species of a given feed, which are the easiest to
desulfurize (such as thiophene and benzothiophene), are removed in
the first part of the reactor by direct desulfurization, whereas the
most difficult sulfur compounds (such as 4,6-
dimethyldibenzothiophene) are mainly converted in the last part of
the bed via the direct route and/or the hydrogenation route. Again the
contribution from the hydrogenation route is determined by the
amount of basic nitrogen left in the reactor. Thus the reaction rate
expression for sulfur removal should in principle contain at least two
terms: one for the direct route and one for the hydrogenation route.
However, for the sake of simplicity, the sulfur removal in this study
will be described by a single term, which takes the inhibiting effect
of basic nitrogen compounds into account:

-1
krps +C5/Cg 4, (P, 1P P
.-

“)

1+ Kpasic N - Chasic N

This is a combination of an n™ order rate equation and a Langmuir-
Hinshelwood model, which takes inhibition by basic nitrogen into
consideration. The temperature dependence of the rate constant is
again considered to follow equation (3). As mentioned earlier, the
concentration of basic nitrogen in the feeds and products was
measured, and by assuming first order kinetics for the basic nitrogen
compounds, the conversion of basic nitrogen down through each
reactor was calculated:

Rpasic N = kHDN, basic N * Chasic N (5)

Integrating equation (5) enabled us to calculate the concentration of
basic nitrogen compounds at each axial position of the reactors. This
was used to integrate equation (4). It is well known that new basic
nitrogen-containing molecules are formed during HDN of non-basic
nitrogen-containing molecules, but it is assumed that the inhibiting
effect of these is the same as that of those originally found in the
feed. Moreover the adsorption term of basic nitrogen, Kpe n> Il
equation (4) was assumed to be temperature independent and of the
same value for all three feeds. In order to obtain a reasonable
estimate of this parameter, data from [3,6] were used. In [3,6], the
effect of adding specific types of nitrogen compounds to a nitrogen
free diesel was studied. Pure basic nitrogen compounds were added
to a diesel sample, and the HDS reactivity of this oil was directly
compared with the HDS reactivity of samples containing no nitrogen
compounds and the original diesel. By applying equation (4) and (5)
to this dataset with a typical reaction order for a diesel of n = 1.65,
the adsorption term of basic nitrogen was determined to be Ky, v =
800 1/mol. This value of Kp,. y was used to determine the relative
reactivities of the three feeds of this study.

Relative reactivities with basic N inhibition. By applying the
approach described above, the inhibition by basic nitrogen
compounds was taken into account when calculating the relative
HDS reactivities of the feeds. This gives a better estimate of the
relative reactivities, which can be attributed to differences in the
sulfur distributions of the three feeds. By applying equation (4), (5),
Kpasic v = 800 1/mol and n = 2.0, the relative HDS reactivities of the
three feeds and two catalyst types were calculated. The best fit to the

experimental data gave E,; pyps = 31.4 kcal/mol and a = 0. The
relative feed reactivities are given in Table 4.

Table 4. Relative HDS Reactivities of the three Test Feeds and
two Catalysts when using an n™ Order Langmuir-Hinshelwood

Model with Inhibition by Basic Nitrogen.

Feed Relative HDS activity
(IBP-350)como/(400-EBP)conmo 3.3
(350-400) cono/(400-EBP) como 1.3
(350-400)ninm0/(400-EBP)Nimo 1.2
(350-400)como/(350-400)Ninmo 2.0
(400-EBP)como/(400-EBP)nino 1.9

This model seems to provide a reasonable fit, as the activation
energy of 31.4 kcal/mol is in line with the activation energies found
in other studies of the HDS reactivity of oils in the VGO range. In
[1], activation energies of e.g. 29 and 33 kcal/mol were found, and in
[4], activation energies of approximately 33 kcal/mol were
determined for oils in the VGO boiling point range. As can be seen,
the relative activity of the CoMo and NiMo catalyst was still around
2 at these conditions. However, the relative reactivities of the feeds
are now more realistic, as the impact of basic nitrogen on the HDS
activity has been included. The diesel feed was approximately 3.3
times more reactive than the heaviest feed, and the 350-400°C feed
was approximately 20-30% more reactive than the 400-EBP feed for
both the CoMo and NiMo catalyst.

Conclusions

In this study three feeds were obtained by fractionation of a coker
VGO: a diesel feed, a light VGO and a heavy VGO. Both a
commercial CoMo and a NiMo catalyst from Topsee were used in
the test, and the below conclusions were drawn.

Basic nitrogen compounds are major inhibitors of HDS, and in
the present study diesel data were used to estimate an adsorption
constant. It was shown that a simple n™ order rate model without
inhibition terms could not be used to quantify the relative feed HDS
reactivities, as this model resulted in surprisingly high relative
reactivities when taking the sulfur distributions of the feeds into
account. Thus the inhibiting effect of basic nitrogen was included
when calculating the relative HDS reactivities of the feeds. By
applying the adsorption constant for basic nitrogen and a typical
reaction order of a VGO, realistic relative HDS reactivities of the
three feeds and two catalyst types were calculated. The diesel feed
was approximately 3.3 times more reactive than the heaviest VGO,
and the light VGO was around 20-30% more reactive than the
heaviest VGO for both the CoMo and NiMo catalyst.
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Introduction

The sulfur content in fuels is an environmental concern because
upon combustion sulfur is converted to SOx, which not only
contributes to acid rain, but also poisons catalytic converters for the
treatment of exhaust emissions, which are very expensive due to are
based on noble metals [1]. More stringent environmental regulations
reduce the sulfur concentration limits in liquid fuels [2] (diesel and
gasoline), and it will certainly be lowered in the near future. The
hydrodesulfurization (HDS) [3] (industry standard process)
eliminates efficiently nonaromatic sulfur compounds and thiophenes,
but is less effective by more sterically hindered as dibenzothiophene
(DBT), fuel contaminants and have limitations in terms of product
quality and cost, which are undesirable to refiners [4]. Processes
different from HDS have been proposed to produce ultra-low sulphur
diesel (ULSD); oxidative microbial transformations [5], physical
extraction with a liquid6 selective adsorption on suitable materials
[71-[9] and catalytic oxidation [10] remain prominent.

Adsorption of S-compounds presents some advantages, such as
mild operation conditions and no need of H, or O,. Studies have been
undertaken to develop adsorbents for the desulfurization of
transportation fuels using zeolites [7] mesoporous materials [8] and
activated carbons [9],[11]. From the studies using activated carbons it
was concluded that BET specific area, total pore volume, and
micropore volume are correlated with sulfur adsorption capacity.
Micropore volume plays a crucial role in sulfur compound adsorption
[12].

Other class of porous materials that can be used to adsorb
selectively organo-sulfur compounds includes the Metal-Organic
Framework (MOF) family [13]. MOF compounds consist of metal
clusters linked by polyfunctional organic linkers yielding porous
three-dimensional networks with large pore volumes and high inner
surface areas. Their very large pores and high inner surfaces areas
offer a wide range of promising applications in gas storage,
separation, sensing and catalysis [13],[14].

In this study we have used several commercial MOFs systems
and evaluated their performance for the adsorption of
dibenzothiophene (DBT) under different experimental conditions.

Experimental procedure

Commercial Basolite F300 (CoH;FeOg), Basolite A100
(AI(OH)(CgH40,)) y Basolite C300 (Cu3(CoH304),) metal-organic
frameworks were purchased from Sigma-Aldrich. Prior to adsorption
experiments, each sample was degassed under vacuum in order to
remove water and other contaminants. A Y-type zeolite (Conteka)
was used as reference.

The textural properties of the commercial MOFs were
determined from the nitrogen adsorption-desorption isotherms
recorded at 77 K with a Micromeritics TriStar 3000 apparatus. X-ray
photoelectron spectra (XPS) were acquired with a VG Escalab 200R

spectrometer. X-ray diffraction patterns were recorded using a
PANalytical X'Pert Pro diffractometer with Cu Ka radiation
(A=1.5405 A).

The Adsorption performance of MOFs was tested in a liquid-
phase glass batch reactor under atmospheric pressure and stirring.
Solid was suspensed in solution of the sulfur compound in 2,2.4-
trimethylpentane (TMP); (simulates a liquid fuel). This mixture was
kept under vigorous stirring for 72 h, to reach the thermodynamic
equilibrium. Solid was then filtered for its characterization, and
liquid was analyzed by GC-FID to evaluate the sulfur compound
concentration.

Results and discussion

The adsorption properties of the three MOFs systems were
compared with that of a widely investigated Y-type zeolitel5 in DBT
over a wide concentration range (10-1700 ppmw of sulfur) at
temperature constant and close to ambient (304 K).

The amounts of sulfur retained at equilibrium, expressed as g of
sulfur per kg of sorbent, indicates that DBT adsorption is much
higher on MOFs samples than on the benchmarked Y-type zeolite.
C300 and A100 displayed substantially higher adsorption capacity
than the parent F300 MOF system. It is emphasized that the extent of
DBT adsorption on the MOF systems investigated in the present
work are in the order of 6-8 times higher than that previously
reported using conventional zeolite or activated carbons sorbents.

Textural properties for the three MOFs systems, indicates that
C300 records the largest BET area value (1277 m?g) and then
decreases for F300 (854 m%/g) and even more for A100 (673 m%/g). A
similar trend is observed for both pore size and pore volumes though
differences are much less marked.

The very small difference in porosity between C300 and F300
substrates cannot explain the almost double adsorption capacity
recorded for DBT in the former one Figure 1. The higher adsorption
capacity of DBT observed on C300, which in turn displays the
highest BET specific area, suggests that the extent of adsorption at
equilibrium is governed among others by the BET area of the
substrate. Notwithstanding, the decrease in both BET area and pore
volume observed for A100 sample might well account for its drop in

Adsortion amount (g S/Kg sorbent)

Figure 1 Adsorption capacity of different sorbents employed

DBT adsorption was determined within the temperature range
283-333 K under atmospheric pressure for the two MOF systems:
A100 and C300 samples. The isotherms were constructed by
employing DBT concentrations within the range 10-1700 ppmw of S.
In the low and medium concentration region the extent of adsorption
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increases with increasing sulphur concentration in the liquid phase
and then tended to level off at higher concentrations. This fact can be
taken as indicative that saturation has been reached at each
temperature.

The DBT isotherms indicate clearly a strong influence of
adsorption temperature on the extent of adsorption on Basolite C300
sample. This effect is clearer for DBT concentrations in the liquid
phase somewhat above 200 ppmw of S. On the contrary, differences
in the adsorption isotherms of DBT on Basolite A100 sample are less
marked and also they tend to flatten off at DBT concentrations above
900 ppmw of S.

Surpassingly, the extent of adsorption at equilibrium does not
decrease with adsorption temperature. This is opposite to what is
observed in the adsorption of many gaseous molecules on solid
surfaces. Two different mechanism of adsorption can be considered.
At low temperature, adsorption is governed by weak van der Waals
forces, however, at higher temperature; chemisorption is produced
showing an increase in the sorption capacity of the sample. The
process of physisorption can be reversed by heating but in
chemisorption, the forces of attraction between the sorbate and the
adsorbent are very strong [11].

The maximum adsorption capacity is similar for both sorbents,
but a careful study shows that the maximum adsorption is produced
at 304 K for C300.

X-ray photoelectron spectroscopy (XPS) is useful for studying
the chemical state of the atoms present in the surface layer region of
solid materials. Significant results were obtained studying the energy
regions of S 2p core-level. Two sulfur species were detected. One
appeared at a binding energy of 163.9 eV, typical of S-C bonds in
organic compounds [16], and another at 169.2 eV originated from
S(VID) in sulphone-like species [17]. The observation of highly
oxidized S(VI) species can be taken as conclusive on the strong
interaction of S-atom of adsorbate with the MOF surface via true
chemisorption process. However, knowing the high stability of S-
atom in the aromatic rings of DBT, the appearance of these oxidized
S(VI) species is unexpected because neither oxidant was present in
the liquid phase nor changes had occurred in the chemical state of
Cu*" (C300), AI** (A100) and Fe** (F300) ions along the adsorption
process. A tentative explanation to this behavior is based on the
ability of the supports to chemisorb oxygen [11]. If so, as the
oxidation of S-atom in organosulfur compounds into S(VI)-
containing moieties is an activated process the concentration of
oxidized species should increase with adsorption temperature. The
proportion of S(VI) species is higher when increasing adsorption
temperature. Quantitative S/Cu surface atomic ratios of used MOF
C300 sample show that the irreversibly retained sulfur quantity on
the surface depends on the adsorption temperature. Thus, while the
S/Cu atomic ratios are similar for samples used in adsorption
experiments at 293 and 304 K, such a ratio is considerably lower
when adsorption is conducted at 333 K. This trend is in agreement
with the maximum adsorption capacity of C300. Complete
regeneration of MOFs requires harsh conditions, i.e. longer
regeneration time, for heavier S-containing adsorbates.

Crystallinity of the C300 MOF system in both fresh and used
samples was studied (X-ray diffraction) with the aim to reveal
possible deterioration of crystalline structure upon use in adsorption
experiments. Cristallinity percentage was determined by considering
the ratio of the sum of the intensity of ten mayor peaks. C300 fresh,
was considered as standard for the calculations. The crystallinity
degree of C300 samples after use in DBT is still high.

Conclusions
The removal of S-containing aromatic molecules (DBT) via
adsorption on commercial MOF systems of the type Basolite C300,

A100 and F300 follows the order C300 > A100 > F300 and the
amounts of the organosulfur compound retained at equilibrium are 6-
9 times higher than that recorded for a standard Y-type zeolite
reference adsorbent. For DBT adsorption the temperature influences
both the shape of the retention isotherm and the amounts of the
adsorbate retained at equilibrium. XPS of MOF systems used
demonstrated that two different S-containing compounds remain
strongly held on the MOFs surface. One of these S-species,
characterized by the binding energy of 163.9 eV, belongs to typical
S-C bonds in organic compounds, and another placed at
approximately 169.2 eV arises from S(VI) in sulphone-like species.
The appearance of this highly oxidized S(VI) species can be taken as
conclusive on the strong interaction of S-atom of adsorbate with the
MOF surface via true chemisorption process. It is suggested that
oxidation of adsorbed organosulfur compound can occur through
chemisorbed oxygen. Finally, due to the extremely high adsorption
capability of Basolite type materials, they appear as good candidates
to be employed in the final removal of refractory organosulfur
compounds from transportation fuels.
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Introduction

In the manufacture of hydrotreating catalysts, impregnation of
the active metals is a crucial step in determining the ultimate activity
and selectivity of the catalyst. In this step, metal salts or complexes
are dissolved in an aqueous solution and contacted with a porous
oxide catalyst support alumina (AL,O;) or silica (SiO,)". In a typical
dry impregnation, the focus of this work, metal solutions are sprayed
using various types of nozzles over a rotating powder mixing vessel
so that the amount of solution sprayed is 95-101% the pore volume of
the support. During a process time of typically 30-60 minutes the
metal is adsorbed from the solution onto the high surface areas
support. Subsequently, the catalyst support is subject to drying and
further pretreatment to transform the metal from its precursor state
into its active form. During impregnation the particles are affected by
liquid bridging and other forces which cause cohesion potentially
disrupting flow in the granular mixing process. While double cone
blending has been studied in the past for both catalyst and
pharmaceutical blending®, dry impregnation is subject to a change in
the mixing and liquid distribution as a result of the increased
cohesion, which in turn can adversely affect the homogeneous
dispersion of the metal precursor in the solid. This can lead to several
manufacturing issues such as poor quality control, longer processing
times, and non uniform distributions of metal. As a result, several
open questions remain: : i) how mixing and flow are affected when
particles have a certain degree of moisture or are saturated with
liquid, ii) whether the liquid is homogeneously distributed into the
powder bed and iii) the extent and distribution of dead zones for a
given impregnator configuration.

Currently, there are no guidelines for mixing as the cohesion,
solution content, and density of the powder bed increases in the
double-cone blender over time, nor are there any heuristics for spray
rate. Unfortunately, experimental techniques for analyzing powder
mixing are difficult to analyze and interpret. However, modern
computational techniques such as Discrete Element Analysis (DEM)
can fill in the gaps existing in experimental techniques®’. DEM is a
popular numerical technique used for simulation of granular materials
such as soil, powders, catalyst pellets etc. Starting from an initial
configuration, the positions of all particles and/or geometry elements
in the system are calculated and it is determined which surfaces are in
contact. A contact force model is used to impart numerically
calculated forces on to contacting surfaces based on a small amount
of overlap. The application of these forces results in the change in
particle positions. The new positions are then used to calculate new
forces and the cycle is repeated. DEM has found numerous
applications in various fields such as pharmaceuticals, cosmetics,
environmental sciences etc. However, in the area of catalysis, the
applications have been limited. The main objective of this work is to
evaluate the effect of liquid flow on a rotating bed of catalyst support
for both mixing and content uniformity using experimental
observations and novel DEM simulations.

Methods

Experimental. Double cone blending experiments were
conducted using a Patterson-Kelly 10-quart rotating double cone
blender (24 cm in diameter). An impregnator was retrofitted into the
system using Swage-lock '” fittings combined with one
Microwhirl™ %, NPT nozzles from BETE Fog Nozzle, USA; the
spray zone was approximately 8 cm. 1.3 mm y-Alumina spheres were
purchased from Nor-pro St. Gobain with a 30% pore volume. Copper
(II) Nitrate Trihydrate was purchased through Fisher Scientific
(USA) and used to create the 1 M impregnation solutions.

Experiments were ten minutes in duration; each minute seven
samples were removed from the catalyst bed using a disposable
powder thief for a total weight of approximately two grams bed,
samples were 3.5 cm apart. Samples were dried and weighed for
water content. Subsequently, samples were soaked in 10 mL of 0.1 M
HCI for 12 hours to remove the metal, the resulting solutions were
then tested for copper concentration using an Ocean Optics (USA)
UV-Spectrophotometer. Mixing experiments were performed by
dying predetermined masses of particles using Rit-brand nylon
clothing dye (Phoenix Brands, LLC., USA) and oven drying samples
at 300°C. Impregnation flow rates were 1.5, 2.5, and 5 L/hr with
volume fill levels of 30% and 45% by volume equating to 1.75 and 3
kg of alumina, respectively. Mixing was characterized by the relative
standard deviation (eq. 1):

Esl =
. IIIH.ZC:—{ZC:[:
N tI!.L‘I—'lE

where 7 is the number of samples, C is the concentration of metal or
water, and Char is the average concentration of the powder bed.

)
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Computational. Commercially available EDEM™ software was
used (DEM Solutions Inc. (New Hampshire, USA)). DEM is a
technique for simulating the behavior of granular materials with each
particle treated as a discrete unit as opposed to continuum models
where the material is treated as bulk. In this method, the motion of
each particle is tracked based on the calculated positions and
velocities which are a result of the forces experienced by it. Forces on
particles are of two types — contact forces and body forces (eq. 2).
The contact forces are due to interparticle or particle-boundary
collisions. The boundary can be any physical object in the system,
such as the walls, and baffles. The forces are resolved into normal
and tangential components that are independent of each other.

Frial = Z Frontaer + Z Frogy (2)

In eq. (2) Prpyg is the resultant force on a given particle due to
all its interactions with other particles and/or boundary elements as
well as due to the effect of external force fields such as the
gravitational field, cohesive or electrostatic interactions. The term
Z Fi.ontaet accounts for all the normal and tangential contact forces
and X FED:‘? denotes the sum of all body forces. This resultant force
is computed for each particle at a high frequency (a time-step being
typically of the order of 10usec.) and the new particle position is
computed by numerically solving the equations of motion. Using
Newton’s law the position of a particle i that has j number of contacts
with its surroundings is related to the resultant force by eq. (3).

my¥ = I|Ff+ Fi + I Fogay 3)
L = ZJEl * Fj] +E]waﬂy
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In eq. (3), my is the mass of the particle of radius R;, % is its
position, ¥; its acceleration, and Ij is its moment of intertia. Fjj and
F,t] are the normal and tangential components of the contact force on

particle i due to its jth contact respectively. The term Z Fougy
accounts for all body forces acting on the particle using a summation
index k. In this study, gravity is considered to be the only source of
the body force on the particles (k = 1, 21\‘ F-;rmf- g The
rotational components of motion are the angular displacement 6,
angular acceleration 8, and sum 2] Thegy Of all torques due to body

forces using summation index 1.

In addition to the above contact dynamics, additional features
have been developed in the model in order to allow water absorption,
accumulation and transfer among the particles. The water spray was
modeled as made up of discrete droplets which would get absorbed in
the catalyst medium particles upon contact. This leads to increase of
mass as well as cohesive properties of the host particles. Defining the
mass flow rate of water as:

[
I @

The particles can absorb water up to 30% of their weight. If they
receive more water than this, they become supersaturated and can
transfer their excess water to other contacting unsaturated particles.
The amount of water transferred between two particles when one of
them is supersaturated, is given by:

_ K |myg
“ v lar

(6))
where « is a proportionality constant which dictates the rate of water
transfer, my, is the mass of excess water on the supersaturated
particle, At is the time of contact and N is the number of particles in
contact. Figure 1 shows the EDEM™ setup for a catalyst dry
impregnation.

Figure 1: A double cone impregnator is modelled using a
conical spray nozzle and spherical catalyst particles. The impregnator
rotates clockwise at a speed of 25rpm. Particles are colored according
to their water content.

Results

Experimentally, water content and copper concentration were
evaluated. It was found, as predicted, that the water content in a high
flow-rate environment of 5 L/hr lead to a poorly mixed system for
both water and metal content. The water content over time and
position using a lower flow-rate of liquid yielded much less variation
as a function of time, the same is true for the metal content. Figure 2
shows the water content as a function of axial position (3.5 cm apart),
clearly the center has significantly more water content in comparison

to the sides, indicating that the mixing is not adequate enough to
allow for the dry particles to reach the spray zone.
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Figure 2: Water concentration in grams of water per gram of
catalyst (max 0.3 for 30% pore volume) as a function of time and
axial position (3.5 cm between samples) at 5 L/hr liquid flow rate.

However, when using significantly slower flow rates, the water and
metal content are correspondingly more homogeneous in the powder
bed. Figure 3 shows the water concentration across the experimental
powder bed in identical parameters as Fig. 2, where it is strikingly
clear that the liquid is now much more evenly dispersed in the bed.
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Figure 3: Water concentration in grams of water per gram of
catalyst (max 0.3 for 30% pore volume) as a function of time and
axial position (3.5 cm between samples) at 1.5 L/hr liquid flow rate.

An additional method of characterizing the poor mixing in the
high flow rate systems is observing the relative standard deviation,
which compares the individual zones with the averaged amount; a
more homogeneously mixed system will have a low relative standard
deviation which oscillates around an equilibrium point typically
approximately 0.2. Figure 4 shows the averaged water and metal
content relative standard deviation for 1.5, 2.5, and 5 L/hr spray-
rates.
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Figure 4: Water concentration in grams of water per gram of
catalyst (max 0.3 for 30% pore volume) as a function of time and
axial position (3.5 cm between samples) at 5 L/hr liquid flow rate.

Based on the experimental analysis of both the relative standard
deviation as well as the content of the bed, it is clear that the water
and metal content uniformity in a dry impregnation is highly
dependent on the flow-rate of the material and the mixing of the
system. These results were also found by examining the results of
several DEM simulations according to the aforementioned
methodology. Figure 5 and Figure 6 show the residence time of the
particles in the spray zone of the impregnator for 5 L/hr and 1.5 L/hr,
respectively.
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Figure 5: Residence time of particles taken from samples at
seven locations located on the top of the bed along the axis of
rotation for a spray rate of 5 L/hr, residence time corresponds to
amount of time particles remained in the spray zone.
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Figure 6: Residence time of particles taken from samples at
seven locations located on the top of the bed along the axis of
rotation for a spray rate of 5 L/hr, residence time corresponds to
amount of time particles remained in the spray zone.

In accordance with experimental results, the DEM simulations
appear to mimic the theory that higher flow rates result in less
homogeneity in the powder bed with respect to water and/or metal
content. Again, the 5 L/hr simulations had a clear increase at the
center, while the results are less dramatic at the 1.5 L/hr level.
However, there exists a clear increase in saturation at the edges,
particularly as time increases for rotation. It is hypothesized that the
increased density of the particles results in a tendency to collect on
the outside of mixing vessel.

Mixing can be visually and quantitatively observed using DEM
modelling fairly simply. As an example, a powder bed can be divided
with colored and non-colored particles at two different interfaces:
parallel and perpendicular to the axis of rotation. Figure 7 shows a
comparison of mixing after one minute of simulation in the double
cone blender in two positions: parallel to the axis of rotation (left)
and perpendicular (right).

Parallel Perpendicular

Figure 7: The impregnator is loaded such that half the particles
are grey and half are perpendicular and is loaded such that the line
dividing the two groups is parallel (left) and perpendicular (right) to
the axis of rotation.

Following one minute of rotation, the particles that were loaded
front to back or parallel to the axis of rotation are clearly well mixed,
while the particles loaded side to side or perpendicular to the axis of
rotation remain segregated. This further describes the poor axial
mixing common in double-cone blenders. Unfortunately, during
impregnation the center third of the bed is sprayed with liquid, it is no
surprise that if the spray rate is too fast the liquid will build up in the
center until the particles are supersaturated. As a result, it would be
advantageous for an impregnation process to utilize a slow flow-rate
of impregnation liquid, larger radius spray nozzle, or even multiple
spray nozzles. Future studies will be aimed at optimizing these
variables for particular systems.

Conclusions

The computational and experimental results show that the poor
axial mixing of the double cone blender can have a significant impact
on the content uniformity of the dry impregnation process. With
sufficiently high flow-rates, particles on the outsides of the spray-
zone are impregnated with significantly less water and metal
precursor. As a result, dry impregnations using double-cone blenders
should be impregnated with a relatively low flow-rate to ensure
particles have enough migration time to spend equal time in the spray
zone. Experimentally and computationally, it was shown that axial
mixing is poor when compared to mixing parallel to the axis of
rotation, leading to the local increase in water and metal content in
the center of the rotation. This work has also shown the value and
predictability of using commercially-based software, specifically the
EDEM™ discrete element method software. Simulations have clearly
matched the results from the experiments. Since it is quite difficult to
quantitatively analyze granular systems, a powerful new tool for the
optimization of impregnation has been developed and demonstrated.
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INTRODUCTION

The development of more active HDS catalysts is one of
the main goal of the modern refining industry. Such a demanding
task requires catalysts that are several times more active than the
present catalysts used to achieve 500 ppm sulfur [1]. It is not only the
high activity but they should also have different activity profiles with
respect to different functionalities. In order to modify the activity to
achieve these objectives several approaches have been pursued
among which variation of support is an important one [2-4].

v-ALO; is a widely used support in commercial HDS
catalysts applications. Many other supports have been tried with
considerable success. Among them Clays, Carbon, Oxides, Mixed
oxides, Zeolites, and mesoporous materials like MCM-41, HMS and
SBA-15 have been studied. SBA-15 supported CoMo and NiMo
catalysts are reported to exhibit higher activities for conversion of
thiophene than y-Al,O;. Vradman et al. [5] reported higher activities
for HDS and hydrogenation using NiW-S/SBA-15 catalysts. Song
and Reddy demonstrated that MCM-41 supported CoMo catalyst is
substantially more active than y--Al,O; supported catalysts. Klimova
et al. [6] have shown that Al-SBA-16 supported NiMo catalysts are
highly active for HDS of 4,6-DMDBT and Zepeda et al. [7] reported
on Ti-HMS of various Si/Ti ratio for HDS of DBT suggested that Ti
containing HMS supported catalysts displayed higher activities than
the y-Al,Os supported catalysts. Earlier our group reported that effect
of heteroatom Al in HMS [8] and SBA-15 [9] on various
hydrotreating functionalities, Al in mesoporous support increases the
HDS of thiophene and hydrogenation of cyclohexene. In
continuation of our work on the effect of heteroatoms in mesoporous
materials on hydrotreating functionalities, in this communication a
systematic study was carried out on effect of ZrSBA-15 on
hydrodesulfurization of thiophene on Mo,CoMo and NiMo catalysts.
A comparison has been made with SBA-15 and y-Al,O;3 supported
catalysts [10].

EXPERIMENTAL

Zirconium containing SBA-15 supports with different Si/Zr
ratios were prepared by self-generated acidic environment (without
using HCl) using TEOS and Zirconiumoxychloride as silicon and
Zirconium source respectively [11]. Supported Mo catalysts (2-
12wt%Mo) were prepared by the incipient wetness impregnation
method by taking appropriate concentration of ammonium hepta
molybdate tetahydrate using ZrSBA-15 as support. The Co and Ni
promoted catalysts were prepared by impregnating the corresponding
salt on oven dried 8%Mo/ZrSBA-15 catalysts. The impregnated
catalysts were dried in air at 110°C overnight and all the catalysts
were calcined at 550° C for 6h.

RESULT AND DISCUSSION

All the supports and catalysts were characterized with
XRD, FT-IR and N, adsorption-desorption analysis. N, adsorption—
desorption analysis of Zr containing SBA-15 support and catalysts
shows a typical type IV isotherm with Hl-type hysteresis loop
indicating that the structure is intact after Mo loading. The low angle

XRD patterns of SBA-15 and ZrSBA-15 show well resolved low
angle diffraction peaks that can be indexed to (100), (110), and (200).
The diffraction peaks for both SBA-15 and ZrSBA-15 are related to
long range 2D hexagonal ordering in the p6mm space group
symmetry. FT-IR spectra of Zr-SBA-15 support shows the
characteristic 966 cm™ band for Si-O-Zr stretching indicating the
incorporation of Zr into SBA-15 framework. Broad angle XRD
analysis indicates that the dispersion remains more or less constant
up to 8wt% Mo and beyond this loading larger MoO; crystallites are
observed. TPR studies reveal the promotional activity of CoMo and
NiMo supported catalysts can be attributed to the increase in the
reducibility of molybdenum. This study shows that the incorporation
of Zr into the SBA-15 material is beneficial for catalyst morphology,
providing better dispersion for oxide and sulfide metal species, which
in turn favor the formation of higher number of anion vacancies.
Finally, a comparison of Co(Ni)8%Mo/ZrSBA-15 catalysts
supported over SBA-15 and y-Al,O3 supported ones, indicates the
superior activity of the former catalyst for both HDS and
hydrogenation reactions. The promotional effect is observed
maximum at 3 wt% for both Co and Ni. The observed promotional
activity can be attributed to the increase in the reducibility of
molybdenum oxide. The catalytic activities were evaluated at 400°C
for HDS of Thiophene and HYD of cyclohexene on various Mo,
CoMo and NiMo catalysts on various supports in a fixed-bed
catalytic micro-reactor operating at atmospheric pressure on
presulfided catalysts. The detailed experimental procedure is given
elsewhere [11]. It can be noted that the HDS and HYD activities
increases with the Zr content in the support. A similar trend can be
seen in the case of oxygen chemisorption also for 8%MoZrSBA-15
with different Si/Zr ratio (fig 1). In the case of ZrSBA-15 (20), the
catalytic activities for HDS and HYD, increases with molybdenum
loading up to 8wt%Mo and then starts decreasing. The O, uptake is
also plotted in the same figure and varies in a manner similar to that
of the activities because it is well known that HYD and HDS
reactions take place on anion vacancies and as oxygen is also known
to chemisorb on anion vacancies, the similarity in behavior is
expected (fig. 2)
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